The chemical looping strategy for fossil energy applications promises to achieve an effi cient energy conversion system for electricity, liquid fuels, hydrogen, and/or chemical generation while economically separating CO 2 by looping reaction design in the process. Two types of chemical looping technologies have been developed based on two different reactions of chemical looping intermediates. Type I chemical looping systems utilize metal and metal oxide reductionoxidation properties to perform the looping reactions. Type II chemical looping systems utilize metal oxide and metal carbonate carbonation-calcination properties to perform the looping reactions. The type of metal or metal oxide along with their preparation methods for applications in both types of chemical looping systems plays signifi cant roles in the chemical looping technology performance. Understanding the reaction mechanism associated with looping intermediates in both types of reactions is important to the rate process of reactions, in turn affecting the design of the looping particles. Furthermore, as conversions of gaseous and solid reactants are closely associated with their contact modes, the intricate contact mode plays an important role in determining the reactant conversions and hence the solid reactant fl ux in the reactors. The purpose of this paper is thus to provide a perspective on the two key aspects of chemical looping technology, which are not well reported in the literature, namely, reaction mechanism and reactor engineering.
Introduction
When a chemical reaction can be decomposed into multiple subreactions with chemical intermediates and the subreactions can be designed to minimize the exergy loss in the system while yielding desired products with readily separated byproducts, the reaction scheme of this nature is noted as chemical looping (Fan 2010 ) . The concept of chemical looping has been widely applied in the industry to obtain desirable products. For example, the production of hydrogen peroxide (H 2 O 2 ) from hydrogen and oxygen uses 9,10-anthraquinone as the looping intermediate (Kirk and Othmer 1985 ) . This reaction scheme is given as follows: Looping medium:
9,10-Anthraquinone 9,10-Anthrahydroquinone
For fossil fuel conversion technology, chemical looping application has a history of more than 100 years. Table 1 briefl y summarizes several representative chemical looping processes studied in the 20th century (Lane 1913 , Lewis et al. 1949 , 1951 , Lewis and Gilliland 1950 , 1954 , Dobbyn et al. 1978 . However, no chemical looping process using fossil fuels is currently under commercial operation. The ineffectiveness of reactivity and recyclability of the looping particles has hampered the conversion effi ciencies and economics of these early processes. In recent years, with the pressing needs for effi cient and economic energy conversion systems coupled with growing concerns over carbon dioxide emission controls, the use of the chemical looping concept has reemerged as an important strategy for fossil fuel conversion (Fan and Li 2008 , Lyngfelt 2011 ) . With renewed research since the early 1980s, many earlier shortcomings have been alleviated. The chemical looping process has evolved into a promising technique in contrast to the traditional fossil fuel conversion technologies (Fan and Li 2010 ) . Based on the looping particle reaction characteristics, two types of looping reaction systems can be described in this work as shown in Figure 1 . The type I looping system is based on cyclic redox reactions conducted in two or more separate reactors (Fan 2010 , Lyngfelt 2011 ).
The fi rst step of reactions involves the complete fuel conversion to a stream of CO 2 and H 2 O using metal oxides. The reactor is aptly named the reducer for metal oxide reduction. The reduced metal oxides are then oxidized using air to generate heat, which in turn is used to generate electricity. This reaction step occurs in a separate reactor preventing the dilution of the CO 2 stream, thereby achieving in situ CO 2 capture. This chemical looping system using two reactors, namely, the reducer and the combustor, underlines the chemical looping combustion (CLC) process. A different strategy developed using type I metal oxides is the chemical looping gasifi cation (CLG) process. In this system, the oxidation of the metal oxide is performed over two reactors. The fi rst oxidation reactor, named the oxidizer or hydrogen generator, oxidizes the metal oxides partially using steam. This reaction results in hydrogen formation, a clean energy carrier. The metal oxide is then completely regenerated in the combustor using air as the oxidizing agent. This hydrogen generation strategy utilizes the unique property of iron-based oxygen carriers and reactor designs. Both the CLC and CLG reducer can be adapted for various carbonaceous fuels including syngas, natural gas, and/or coal. Irrespective of the fuel, the reducer is generally designed to reduce the oxygen carriers although resulting in only carbon dioxide and steam as the gaseous product. Thermodynamics indicates that chemical looping can be a promising strategy to minimize exergy loss in the fossil fuel conversion processes (Richter and Knoche 1983 , Ishida et al. 1987 .
The type II looping system is conducted with cyclic reactions in two reactors, the carbonator and the calciner (Fan 2010 , Dean et al. 2011 . The carbonator or carbonation reactor carries out the particle carbonation reaction with carbon dioxide. The calciner or calcination reactor performs the particle calcination reaction. In this system, the particle is a carrier of carbon dioxide with the calcination reaction taking place at a temperature higher than the carbonation reaction. The fundamental concept underlying the type II chemical looping system lies in the employment of metal oxide (MO) sorbents for in situ removal of CO 2 . After regeneration, a pure stream of CO 2 can be obtained from the sorbent calcination process. Because the CO 2 stream obtained from the sorbent calcination is of high purity, this process simplifi es the subsequent compression, transportation, and sequestration steps. The type II chemical looping systems can be adopted in two different CO 2 control strategies. The fi rst case is for post-combustion CO 2 capture. This system has been extensively studied in the past (Gupta and Fan 2002 ) . Current research efforts have made the basic process concept attractive at larger scales. In addition, process simulations based on experimental results indicate that the parasitic energy consumption for this hightemperature process is relatively low compared with lowtemperature processes such as amine-based processes (Yu et al. 2011 ) . The second application case envisioned for type II chemical looping systems, such as the calcium looping process, is the enhancement of the water-gas shift (WGS) reaction (Iyer et al. 2006 ) . The metal oxide sorbent is introduced in the shift reactor to capture the CO 2 generated. This action generates H 2 from syngas by integrating various interlinking functions, such as WGS reaction, H 2 S, COS, and HCl pollutant removal, and CO 2 capture, into one reactor. Furthermore, the calcium looping process effectively can reduce excess steam consumption and produce over 99 % H 2 stream by the WGS reaction under high-pressure, catalyst-free conditions (Iyer et al. 2006 ) .
For either type of chemical looping system, the properties of the metal oxide particles used in the reduction and oxidation reactions (type I) or carbonation and calcination reactions (type II) play a key role to the successful operation of Table 1 Historical development of chemical looping for fossil fuel conversion.
Technologies
Lane process and Messerschmitt process (Messerschmitt 1910 , Lane 1913 Lewis and Gilliland process (Lewis and Gilliland 1950) IGT HYGAS process (Biljetina and Tarman 1979) CO 2 acceptor process (Dobbyn et al. 1978 IST, Institute of Gas Technology; HYGAS, hydro-gasifi cation process.
Figure 1
Two types of looping reactions for fossil fuel conversions.
the 1990s with emphasis on the potential for reducing CO 2 capture cost. Multiple metal oxides were tested to determine the suitable oxygen carriers for chemical looping systems. The most commonly tested oxygen carriers were iron-, nickel-, and copper-based particles. The current norm for oxygen carrier selection is through the trial and error method. This is achieved by screening large numbers of chemical looping intermediates composed of varying active metal oxides and supports. The advancement in analytical techniques and in data acquisition methods helped screen oxygen carriers for chemical looping systems in a faster manner. By 2010, more than 600 different types of oxygen carriers were tested. The vast number of metal oxides tested highlights the importance of instilling certain properties in the oxygen carrier for optimal performance in the type I chemical looping systems. The focus of this section is to provide a perspective on the properties of the oxygen carrier and their infl uence on the performance of type I chemical looping systems. Detailed discussions on the macroscopic property and mechanism of the commonly studied oxygen carriers are provided.
Macroscopic property of oxygen carriers
The oxygen carrier designed for the type I chemical looping system is expected to undergo multiple redox reactions without loss in physical and chemical integrity. In a given cycle, the oxygen carrier has to donate its oxygen for fuel conversion. The next step involves the replenishment of the depleted oxygen carriers with an oxidant such as air/steam. This cyclic behavior requirement calls for certain properties to be implanted into the oxygen carrier. Early research in the fi eld revealed that pure metal oxides failed to function as optimum oxygen carriers because of the decreasing performance over multiple cycles. Therefore, an oxygen carrier is generally composed of an active metal oxide component and a support framework. The two components together result in the favorable properties expected from an oxygen carrier. The crucial macroscopic properties important for oxygen carriers for type I chemical looping systems are elaborated in the following section.
High oxygen-carrying capacity
Oxygen-carrying capacity is the measure of the net amount of oxygen that is transferred in one redox cycle. It indicates the capacity of the oxygen carrier to donate oxygen for fuel conversion and the ability to absorb oxygen from the oxidant to regenerate itself. The major factor that governs the oxygen-carrying capacity is the selection of the active metal oxide. Every active metal oxide comes with a theoretical maximum oxygen-carrying capacity. The theoretical maximum oxygen-carrying capacity (OCC max ) is defi ned as the maximum amount of oxygen that can be donated in a redox cycle by the active metal oxide. It is the ratio of the amount of oxygen that can be donated ( m o ) to the metal oxide ( m w ). The theoretical maximum oxygencarrying capacities for some common metal oxides tested for type I chemical looping systems are listed in Table 2 . It is interesting to note that the iron, copper, and manganese have multiple oxidation states, and therefore, the theoretical chemical looping processes. In addition to particle optimization, successful chemical looping operation requires elaborate consideration of the intricate interrelationship between looping material properties and reactor engineering. Signifi cant research efforts have been dedicated to achieve desirable particle performance and effective reactor design. This perspective paper fi rst generalizes the looping particle characteristics and then focuses on reaction mechanism studies of the particles. Various possible reactor designs are discussed for different chemical looping applications, which is followed by representative type I looping system confi gurations and operating results. Finally, a brief review of the various type II chemical looping confi gurations is provided with special attention to the reactor confi guration demonstrated at the Ohio State University.
Oxygen carrier development and reaction mechanism study

Type I looping particles
In type I looping systems, oxygen carriers, generally metal oxide particles, are cyclically utilized to deliver oxygen from the oxidant to the fuel. The oxygen donation to the fuel reduces the oxygen carriers. These reduced oxygen carriers are then treated with the oxidant to regenerate themselves for the next loop. This cyclic redox oxygen delivery pattern, when extended to fuel combustion, prevents the direct contact between air and fuel streams, resulting in an undiluted CO 2 stream ready for sequestration. Therefore, the functioning of the oxygen carriers dictates the effi ciency of CO 2 separation and ascertains its performance as a key factor that infl uences the success of type I chemical looping systems. Extensive research reported in the literature focusing on synthesizing and testing different metal oxide compositions as oxygen carriers that can perform the desired functions is an indication of the vital role played by oxygen carriers in type I chemical looping systems.
One of the earliest testing on oxygen carriers can be dated back to the late 19th century. The steam-iron process developed by Lane (1913) and Messerschmitt (1910) used ironbased oxygen carriers for the generation of hydrogen. This process involved the reduction of the oxygen carriers using gaseous fuels and re-oxidizing them with steam to generate hydrogen in fi xed bed reactors and was widely practiced until the 1920s. In the 1950s, Lewis and Gilliland proposed the circulating chemical looping systems for copper-based oxygen carriers for pure CO 2 generation (Lewis et al. 1949 , 1951 , Lewis and Gilliland 1950 , 1954 . Only certain sporadic chemical looping concepts were postulated until the 1980s when Richter and Knoche (1983) and Ishida et al. (1987) revealed further energy and environmental benefi ts of these concepts. Reasons for little prior recognition include the availability of alternate cheaper and more effi cient technologies for fuel utilization to generate required products and the lack of global awareness on the greenhouse effect of CO 2 emissions. The type I chemical looping systems saw progressive activities in oxygen-carrying capacity will vary for different assumed extents of reaction. The theoretical maximum oxygen-carrying capacity can be realized only under the constraint that the oxygen carrier is composed of only the active metal oxide. It is common knowledge in the fi eld of oxygen carrier synthesis that pure active metal oxides do not serve as ideal oxygen carriers because of the loss in performance with increasing redox cycles. This brings about the need to add a support material/ framework, generally an inert material, to the active material oxide to stabilize its performance. The addition of such inert materials impacts the oxygen-carrying capacity of the composite material. The percent weight loading of the active metal oxide (amo % ) needs to be considered for obtaining the new oxygen-carrying capacity labeled as the apparent oxygen-carrying capacity. The apparent oxygen-carrying capacity (OCC app ) is defi ned as the theoretical maximum oxygen-carrying capacity times the loading of the active metal oxide. This value highlights the maximum possible oxygen-carrying capacity of the composite oxygen carrier. The knowledge of OCC app is important as certain oxygen carriers are limited by the loading of the active metal oxide. For example, copperbased oxygen carriers have faced agglomeration issues when presented with high active metal oxide loading. The reason for this is attributed to the lower melting point of copper. This tendency to agglomerate brings the needs to keep the copper content in the oxygen carriers to be low. Generally, oxygen carriers made with copper are limited to an active metal oxide loading of 20 % . Therefore, the oxygen-carrying capacity that can be realized drops from 0.21 to 0.042.
The defi ned oxygen-carrying capacity can be estimated without taking reaction chemistry or reactor design into consideration. The actual oxygen-carrying capacity observed in a type I chemical looping system is infl uenced by other factors such as reactor design, reactor operating conditions, constraints on the reactor performance, and thermodynamic and kinetic limits of the oxygen carrier. Therefore, the actual oxygen-carrying capacity in most cases is less than the apparent oxygen-carrying capacity and is obtained from experimental observations. Measurement of this property is of critical importance as it has a direct impact on the system parameters of the type I chemical looping systems. It directly impacts the oxygen carrier circulation rate and the oxygen carrier inventory required for the chemical looping system.
Good fuel and oxidant conversions
The major merit of the type I chemical looping systems is the ability to achieve in situ CO 2 capture. This advantage helps reduce CO 2 separation costs and thereby aids in making the process more attractive. Fuel conversion associated with the oxygen carrier is an important property because of its direct impact on the energy conversion effi ciencies and the commercial viability of the type I chemical looping system. The selection of the active metal oxide infl uences the maximum fuel conversion achievable based on thermodynamic constraints. To elaborate, from the reaction thermodynamics, using iron-or copperbased oxygen carriers can result in 100 % fuel conversion, whereas using nickel-based oxygen carriers can yield at most 99 % fuel conversion. It should be remembered that the active metal oxide is not the only component in the oxygen carrier. The interaction of the support/tertiary component and the active metal oxide can have a negative or positive effect on the performance of the oxygen carrier toward fuel conversion. For example, manganese-based oxygen carriers have been shown to have better fuel conversions with the introduction of iron oxide because of the formation of a manganese-iron combined phase (Ryden et al. 2008 ) . This highlights the importance of knowing the various solid phases present in the oxygen carrier as it can alter the performance of the oxygen carrier.
In certain cases, complete fuel conversion is intentionally avoided to result in a partially oxidized gas that can be further processed to result in useful products. Chemical looping reforming (CLR), a subset of type I chemical looping systems, focuses on partially oxidizing methane to syngas, which is processed into hydrogen using WGS reactors (Ortiz et al. 2010 ) . The active metal oxide generally preferred for such systems is nickel because of its ability to selectively oxidize methane to syngas. The use of other active metal oxides results in a higher CO 2 concentration in the outlet stream, which is not benefi cial for the reforming setup. The advantage of such a chemical looping system over a conventional steam methane reforming (SMR) system is not signifi cant; therefore, the extent of research focused on developing oxygen carriers for this purpose is limited.
Upon reaction with the fuel, the oxygen carriers get reduced and need to replenish the lost oxygen. Some possible oxidants that can be used to regenerate the oxygen carriers are air and steam. The regeneration of the oxygen carrier with steam presents a unique opportunity of generating H 2 . This concept is adopted in the steam-iron process, a commercial route to produce hydrogen in the early 20th century (Lane 1913 ) . The choice of active metal oxide plays an important role in the ability of an oxygen carrier to be oxidized by steam. The steam conversions expected for common active metal oxides used in type I chemical looping systems are shown in Table 3 .
It is evident from Table 3 that the ideal active metal oxide component that is suited for hydrogen generation is iron. The iron-based oxygen carriers can generate hydrogen via steam oxidation only if the iron is reduced beyond the Fe 3 O 4 phase. Moreover, the iron-based oxygen carriers cannot be oxidized beyond Fe 3 O 4 phase using steam. These thermodynamic constraints play a vital role during the reactor design for type I chemical looping systems adapted for hydrogen generation.
Air is the most commonly used oxidant in type I chemical looping systems as the regeneration of the oxygen carrier with air is exothermic. The heat released during this reaction is fi rst used to compensate any heat duty from the reducer and the excess heat to generate electricity and/or meet the parasitic energy demand. In general, the air oxidation step occurs in the dilute bed regime, and thus, the importance to oxidant conversion is less. Another reason for utilizing excess air is to prevent very high temperatures occurring in the reactors that can cause particle deactivation. However, the utilization of excess oxidant will result in a higher parasitic power requirement.
High rates of reaction
The rate at which the oxygen carrier can donate and accept oxygen is a property of high signifi cance. Although the fuel conversion determines the energy effi ciency of the type I chemical looping systems, the rate at which the target fuel conversion is achieved plays a deciding factor in the reactor dimensioning. The type I chemical looping systems are high-temperature systems, and therefore, a smaller reactor would be signifi cant reduction in capital investment for the process. This makes higher reaction rates benefi cial for the process while utilizing gaseous fuels. Among the commonly tested active metal oxides, nickelbased oxygen carriers provide the fastest reaction rates for gaseous fuels followed by copper-and then by manganeseand iron-based oxygen carriers. The oxidation rate is generally reversed, meaning that the nickel-based oxygen carrier exhibits slower oxidation rates than the iron-based oxygen carrier. Within the gaseous fuels, the reactivity rate difference is signifi cant only while using methane as the fuel. When considering syngas as the fuel, the rates of all the active metal oxides listed previously are high, and the differences between the active metal oxide performances are minimized. Although the selection of active metal oxides provides signifi cant benefi ts toward enhancing the reaction rate with gaseous fuels, the interaction with the support should also be considered. The use of Al 2 O 3 as a support with nickel-based carriers has shown to result in a NiAl 2 O 4 phase that has a very slow reactivity with the fuel (Jin et al. 1999 ) . On the other hand, utilization of MgAl 2 O 4 as a support material along with nickel has shown to improve the reactivity of the oxygen carrier with methane (Wang et al. 2010a ) . The reactivity of the oxygen carrier can also be improved by the addition of specifi c compounds. This is evident from mixed metal oxide and dopant studies to enhance the reactivity of nickel-and iron-based oxygen carriers with methane as the fuel.
Although considering solid fuels, the direct reaction rate between the solid fuel and the oxygen carrier is very slow irrespective of the type of active metal oxide used. It is common practice in this fi eld to use an enhancer gas to gasify the solid fuel in situ . The gaseous products then react with the oxygen carrier, which occur at a signifi cantly higher rate. Experimental observations have indicated that the rate of reaction between the gas enhancer and the solid fuel is slower than that of the gaseous products with the oxygen carrier irrespective of the type of active metal oxide (Scott et al. 2006 ) . Therefore, in the case of solid fuels used in type I chemical looping systems, the reaction rate of the oxygen carrier does not have a dominant effect. This means that the advantage of nickel-based oxygen carriers over other active metal-based oxygen carriers is lost. This is also indicated by the extensive oxygen carrier research for solid fuels focusing on iron-based oxygen carriers.
The use of enhancer gases, such as CO 2 and steam, to accelerate the conversion of solid fuels provides for an enhanced reaction rate for solid fuel conversion. However, the rates can be signifi cantly faster if O 2 is used. This signifi cant enhancement in rate can result in smaller reactors that make the process more economically feasible. Certain active metal oxides, namely, those of copper, manganese, and cobalt, possess the property to lose oxygen under specifi c operating conditions. This action results in free oxygen in the reactor that significantly boosts the solid fuel conversion rate. The utilization of free oxygen to convert solid fuels in type I chemical looping systems is classifi ed as chemical looping oxygen uncoupling (CLOU) systems. Oxygen carriers synthesized for CLOU testing have shown to improve the solid fuel conversion rates by 45 times over iron-based oxygen carriers ). The most commonly developed CLOU oxygen carriers are copper-based or manganese-based oxygen carriers. The former has agglomeration and cost issues, whereas the latter has oxidation and strength issues. The oxygen carrier development for the CLOU process is a fast-developing fi eld, as the potential to convert solid fuels at enhanced rates presents signifi cant benefi ts to aid the fast commercialization of the process.
On one hand, altering the chemical composition can facilitate the improved reactivity of the oxygen carrier as described previously. On the other hand, the particle size can also infl uence the same parameter. Smaller sized oxygen carriers show faster reaction rates as compared with larger sized ones. This can be explained by the increased surface-to-volume ratio and the decreased intraparticle diffusion resistance. Although this method of improving oxygen carrier reactivity seems obvious, it cannot be directly adapted in type I chemical looping units. Every reactor design is associated with an optimal size range for smooth solid circulation. For example, small dimensioned oxygen carriers cannot be used in moving bed reactors, and large oxygen carrier size cannot be used in fl uidized bed operation. Moreover, very small oxygen carrier sizes may enhance oxygen carrier entrainment, agglomeration, and de-fl uidization. Smaller oxygen carriers also cause an increased pressure drop across the reactor. Therefore, the window for modifying the size of the oxygen carrier to improve the reactivity of the oxygen carrier for a given reactor design is narrow.
Long-term recyclability and durability
The oxygen carrier loses oxygen while interacting with the fuel and re-gains it during the oxidation step. The oxygen-carrying capacity, the fuel conversion, and the reaction rate can be determined in that given cycle. The long-term recyclability is the measure of the oxygen carrier to maintain the same oxygen-carrying capacity, fuel conversion, and reaction rate over multiple cycles. This parameter determines the effective reaction lifetime of the oxygen carrier within the type I chemical looping unit. The knowledge of the effective lifetime of the oxygen carrier will provide useful information regarding the operational necessities for the looping unit. The purge and make-up rates can be determined partly using this information. The purge and make-up rates have a direct impact on capital and operational expenses of the unit. Therefore, a longer lifetime of the oxygen carrier is preferred to keep the cost increase low.
The lack of recyclability of oxygen carriers was one of the major reasons for the downfall of the steam-iron process in the early 20th century (Lane 1913 ) . Pure metal oxides were used as oxygen carriers during that period. The addition of support material to the oxygen carrier played a vital role to sustain the performance of the oxygen carrier over multiple cycles (Li et al. 2009a ). The addition of support did not guarantee the longevity of the oxygen carriers in the type I chemical looping unit. Even after addition of supports, some oxygen carriers did not show stable performance over multiple cycles. The loss in reactivity of the oxygen carriers over multiple cycles can be attributed to various reasons such as sintering of the particle, formation of inert phases with the support over time, and migration/movement of the active metal oxide relative to the support in the oxygen carrier. This makes it diffi cult to predict trends on the infl uence of certain support/active metal oxide combinations and requires experimental observations to determine recyclability. Various different types of support materials with varying active metal oxide combinations were tested to achieve oxygen carriers with stable performance. Iron-based oxygen carriers were synthesized with stable performance for greater than 100 redox cycles as indicated in Figure 2 (Li et al. 2009a ) . Similar long-term stable performance oxygen carriers were also synthesized for other active metal oxides such as nickel and copper.
Good mechanical strength
Mechanical strength is another property that infl uences the lifetime of the oxygen carrier in the type I chemical looping unit. Although recyclability focuses on the reactive lifetime, the mechanical strength gives an indication of the physical integrity lifetime of the oxygen carriers. Crushing strength and attrition resistance are two primary physical parameters that give an indication of the mechanical strength of the oxygen carriers.
In a given cycle, the oxygen carriers are moved from one reactor to the other (except in the case of a fi xed bed reactor design) in a circulating manner. This action results in signifi cant stress on the physical integrity of the oxygen carrier because of particle-particle collisions and particle-wall Figure 2 Cyclic reduction-oxidation reaction studies for iron-based oxygen carrier with solids support at 900 ° C using H 2 -and O 2 -rich gases.
collisions. Moreover, the operating regimes of the reactors also play a vital role on the magnitude of these interactions. Such interactions can cause the oxygen carrier to fracture and lose its physical integrity. The attrition rate for nickel-, copper-, and iron-based carriers have been studied and reported in the open literature. Generally, iron-based oxygen carriers demonstrate good attrition resistance (Li et al. 2009a ) .
Another mechanism that results in the loss of physical integrity is the continuous reduction and oxidation of the oxygen carrier. Such an action imparts tremendous stress on the oxygen carrier because of the movement of oxygen and the continuous change in particle morphology. Research work has indicated that some copper-based oxygen carriers show a decreasing oxygen-carrying capacity with increased redox cycles because of the removal of copper from the surface. The circulation of the oxygen carrier combined with the continuous reactions generally results in a decrease in strength of the oxygen carrier over multiple cycles.
The mechanical strength of the particle is highly dependent on the method of synthesis of the oxygen carrier. The mechanical mixing method can result in high strength oxygen carriers. Certain methods of impregnating the active metal oxide with strong support shells can also facilitate higher mechanical strength. Sintering the oxygen carriers can also have a positive effect on the mechanical properties but can negatively affect the reactivity of the oxygen carrier. This highlights that a trade-off between the reactivity and the strength exists, and optimization of the oxygen carrier properties is essential.
Suitable heat capacity and high melting points
In the type I chemical looping unit, most metal oxide reduction reactions are endothermic and the oxidant step is exothermic. Therefore, for the autothermal performance of the looping system, it is expected that the oxygen carrier particles serve as both oxygen and heat transfer medium between different reactors. Suitable heat-carrying capacity of the oxygen carrier is important for heat integration purposes, and this property could be moderated by adding support. The heat integration of the unit can also be controlled by altering the solid circulation rate and the extent of oxygen carrier conversion. Solid circulation rate modifi cation to reach close to adiabatic operation in a type I chemical looping unit utilizing nickel-based oxygen carriers has been demonstrated in small-scale continuous circulating fl uidized bed (CFB) unit. The alteration of the solid circulation rate results in a decreased extent of oxygen carrier conversion. The heat duty of an individual reactor can also be altered by choosing different oxygen carrier compositions. Such change is often benefi cial for the heat integration of the overall process. One way to alter the particles ' heat of reaction is by incorporating a secondary reactive metal oxide that has an opposite sign in heat of reaction compared with the main active metal oxide for the same reaction. Copper-based oxygen carriers provide a special benefi t with respect to heat of reaction. When using copper-based oxygen carrier in a type I chemical looping unit, both the oxygen carrier reduction with fuel and oxidation with air is exothermic. This feature makes it convenient to integrate the heat between reactors and allows for easier unit operation.
The only drawback with a copper-based oxygen carrier is the need to remove the excess heat quickly or prevent the rise in temperature of the unit as copper has the lowest melting point among the commonly investigated active metal oxide. In a normal operation of the type I chemical looping unit, the melting points of composite particles, no matter the oxidization states, should be well above the operating temperatures. Such high melting points could lead to a wide operation window and make it easier to balance the heat between the reactors.
Resistance to carbon deposition and
contaminants Type I chemical looping units are designed to handle carbonaceous fuels such as methane, syngas, coal, biomass, and other hydrocarbons. Such fuels are known to contain contaminants that can negatively affect oxygen carrier performance. They can also facilitate carbon deposition on the oxygen carrier. Therefore, it is important to design the oxygen carrier in a manner to avoid deleterious side reactions. If such measures are not possible, the operating conditions of the type I chemical looping unit should be strictly monitored to avoid occurrences of such side reactions. Designing the oxygen carriers that can tolerate contaminants and carbonaceous fuels would be benefi cial as capital-intensive pollutant removal steps can be avoided, and the purge and the make-up oxygen carrier rates can be minimized.
Carbon formation/deposition on the oxygen carrier negatively affects the type I chemical looping system in multiple ways. The fi rst effect is the decrease in CO 2 capture effi ciency as the carbon deposited is expected to be combusted in the oxidation step, resulting in CO 2 loss to the oxidization outlet. The carbon deposited can also adversely affect the reactivity of the oxygen carrier by forming a barrier at lower temperatures when the carbon generation rate is faster than the carbon gasifi cation rate. This decreases the performance of the oxygen carrier, resulting in deteriorating system performance. There are many sources for carbon deposition while using carbonaceous fuels. While using methane as the fuel, the methane decomposition can occur in the presence of the active metal oxide, resulting in carbon and hydrogen as shown in Eq. (1). The Boudouard reaction can result in carbon deposition while syngas is utilized as shown in Eq. (2). Another source of carbon deposition while using solid fuels is the direct deposition/ sticking of char onto the oxygen carrier surface. The given three forms of deposition are expected to foul the surface and result in poor performance of the oxygen carrier coupled with decreasing the overall CO 2 capture effi ciency.
(1)
Although such carbon deposition can be avoided by proper reactor temperature control and/or injecting carbon deposition retardants such as steam and CO 2 , it can also be controlled by preventing the excessive reduction of the oxygen carrier. It is known that the metallic phase of the active metal oxides catalyzes the carbon deposition. Such dramatic oxygen carrier reduction can be avoided by proper reactor design. Another means of avoiding carbon deposition is by directly altering the property of the oxygen carrier. Certain dopants such as ceria and zirconia have been reported to inhibit carbon deposition.
The carbonaceous fuel is not only a source of carbon required for carbon deposition but may also contain other contaminants that can inhibit proper operation of the type I chemical looping unit. The general contaminants associated with gaseous fuels are sulfur compounds such as H 2 S. Those contaminants can be removed before handling the gaseous fuel in the looping unit, but those will call for capital-intensive pollutant removal steps. Moreover, the treated fuel stream needs to be re-heated to operating conditions as most of the pre-treatment steps occur at low temperatures. This causes an energy penalty in the overall process scheme. Therefore, it would be advantageous to design oxygen carriers that can handle sulfur impurities. The content of such impurities in gaseous fuels is in signifi cantly lower concentrations compared with those in solid fuels, especially coal. Therefore, it would be difficult to design oxygen carriers that are completely immune to sulfur reactions. The main focus for an oxygen carrier used with solid fuels would be to avoid the deactivation of the oxygen carrier because of sulfur contamination. The deactivation of the oxygen carrier will result in large purge and make-up streams that will impact the economic feasibility of the process. The sulfur pollutant is expected to form metal sulfi de during the fuel conversion step. The oxygen carrier should be designed such that the metal sulfi de returns to the metal oxide during the oxidation step. This will result in contamination of the outlet streams but will prevent the need to purge the oxygen carriers.
Although dealing with coal, other pollutants such as ash and heavy/trace metals also need to be considered. Ash can cause the fouling of the oxygen carrier resulting in the performance failure of the oxygen carrier. The properties of ash need to be studied carefully while designing the type I chemical looping unit to handle solid fuels. Low-temperature melting ash causes the oxygen carriers to agglomerate and hinders solid circulation. Oxygen carriers tolerant to ash need to be engineered for utilization in the solid fuel type I chemical looping unit. The extent of research focused on the pollutant effect on the oxygen carrier performance is minimal because of the early stage of development of the technology. It is expected that ample work will be done in this fi eld in the near future because of the fast-growing interest in type I chemical looping systems.
Minimal health and environmental impacts
A typical commercial installation of a type I chemical looping unit of 1000 MW th scale is expected to carry an inventory anywhere between 200 and 1500 tons of oxygen carriers. This large solid inventory is accompanied by a large solid circulation rate of approximately 1 ton/min. This grand magnitude of oxygen carrier utilization makes the study of the toxicity and the environmental impact of the oxygen carriers of vital importance. Among the commonly used active metal oxides, nickel has the highest toxicity. Therefore, handling this active metal oxide calls for stringent safety measures in the entire oxygen carrier chain (from production to disposal).
In addition, the circulation of the oxygen carriers results in attrition of the oxygen carriers that needs to be handled and processed safely. Any deactivation of the oxygen carrier because of side reactions with pollutants will result in a purge stream that needs to be disposed safely. For a large installation, particles with low health and environmental impacts are desirable. Selecting active metal oxides and supports that are environmentally benign would be benefi cial as it would signifi cantly reduce the risks associated with handling them.
2.1.1.9. Low cost and ease in scale-up of synthesis procedure In the current age, the commercial feasibility of a process is heavily dependent on the economic attractiveness. The costs associated with a typical type I chemical looping unit can be categorized into fi xed/capital costs and operating/ maintenance costs. Although the major portion of the fi xed costs is associated with the design and construction of the reactor, a sizeable portion of the fi xed costs is also due to the oxygen carriers. A large solid inventory cost of oxygen carriers, as indicated from the previous property, is required for the commercial type I chemical looping unit. Therefore, it is important to minimize the costs of the oxygen carrier to make the process economically lucrative.
The fi rst step of procuring the oxygen carriers is to obtain the raw materials/individual components of the oxygen carrier. An oxygen carrier is generally made up of an active metal oxide component and a support framework. To enhance certain properties, we may add additional components/dopants as discussed previously. The various types of support generally used are ceramic or clay material. They are lower in percent weight loading in oxygen carriers, except for copper-based oxygen carriers, and are generally inexpensive. The major cost associated with the raw materials arises from the selection of the active metal oxide. Among the common active metal oxides, nickel is the most expensive material, followed by copper, then manganese, and fi nally, iron. This inexpensive nature of the iron-based oxygen carriers has resulted in extensive work especially in the case of solid fuels. The dopants used are generally expensive but have very small percent weight loading.
After obtaining the raw materials, an ideal method of synthesis needs to be adopted to manufacture large quantities of oxygen carriers without loss in performance and dramatic increases in costs. Many methods of synthesis were studied during small-scale synthesis that provided oxygen carriers with suitable properties. Only a few of the studied methods could be scaled up to make large batches of oxygen carriers economically. The freeze granulation method of oxygen carrier synthesis was widely practiced to synthesize good oxygen carriers for laboratory-scale experiments. When the scale of the unit was increased, the same method could not be adapted because of the capital-and labor-intensive steps involved. Utilization of certain active metal oxides demands the need to adopt unique methods of synthesis. When synthesizing copper-based oxygen carriers, only the impregnation method was found to be suitable for generating recyclable oxygen carriers. Other methods resulted in declining performance with an increase in redox cycles because of the sintering of the copper. Some of the commercially feasible methods, in an increasing order of cost, are mechanical mixing, spray drying, impregnation, and co-precipitation. Other methods such as sol-gel synthesis and solution combustion can be used in large-scale production but will result in very expensive oxygen carriers. The mechanical mixing method has been utilized to make chemically stable oxygen carriers. Recently, results of large-scale oxygen carrier synthesis via the spray drying method with stable performance have been reported. The impregnation method for synthesis of copper-based oxygen carriers has been widely tested. The co-precipitation method has been used to form homogenous oxygen carriers of small particle size.
The essential macroscopic properties were discussed in detail using metal oxide-based oxygen carriers as references. Although metal oxide-based oxygen carriers hold the majority in type I chemical looping systems, another type of type I chemical looping oxygen carrier has been investigated off late. The use of CaSO 4 as an oxygen carrier was pursued because of its low material cost and high theoretical oxygencarrying capacity. Unlike the metal oxide oxygen carriers, the CaSO 4 -based oxygen carrier loops between CaSO 4 and CaS as indicated in the equation as follows:
The low reaction rates, inability to convert the fuel completely, and side reactions that generate CaO at high temperatures in both the reducer and combustor limit the widespread utilization of this oxygen carrier in type I chemical looping systems.
Even though more than 600 different types of oxygen carriers have been tested around the world, research efforts have sparsely focused on understanding the underlying mechanism governing the cyclic oxygen transfer in type I chemical looping systems. The following section provides a fresh perspective toward understanding the oxygen movement pathway in commonly used metal oxide-based oxygen carriers for type I chemical looping systems.
Reaction mechanism study
With the everexpanding database on oxygen carrier particles, more and more investigations have been carried out to understand the redox mechanism. The insight into the reaction mechanism can help to develop a rational particle design and synthesis procedure. However, because of the very complex solid-solid interaction between primary metals and supports, the understanding in this area is still quite limited. Mechanism studies of the redox reaction on four metal-metal oxide systems, e.g., nickel, copper, manganese, and iron, are discussed in the following section.
Nickel-based oxygen carrier
Nickel oxide has a rock-salt structure with cation vacancies and electron holes as predominant defects (Richardson et al. 2003 ) . The reduction of nickel has been widely studied as a model reaction to investigate the oxide reduction mechanism. The earliest research can be dated back to 1920s (Benton and Emmett 1924 ) . In those early studies, some important phenomenon was observed. For example, kieselguhr-supported nickel oxide is much more diffi cult to be reduced than unsupported nickel oxide. Boldyrev (1979) reviewed the early research up to 1979 and summarized several infl uential conclusions: (1) interfaces between nickel oxide and nickel are reactive sites; (2) an induction period exists and can be affected by defects or foreign ions signifi cantly; and (3) nickel oxide reduction is a self-catalytic reaction.
For nickel oxide reduction, the following steps have been generally accepted as the prevailing mechanism: (a) hydrogen molecule dissociation on metal/metal oxide surface; (b) diffusion of hydrogen to metal-metal oxide interface; (c) rupture of metal-oxygen bond; (d) metallic cluster formation by nucleation of metal atoms; and (e) crystallization of metal clusters (Richardson et al. 2003 ) . The induction period could be well explained by this theory. At the initial stage, the dissociation rate of the hydrogen molecule on nickel oxide or on the reduced nickel cluster is slow. When nickel clusters start to overlap, the dissociation rate increases signifi cantly. Thus, Koga et al. (1984) attributed the induction period to the generation of nickel atoms on nickel oxide grains. Avrami (1939 Avrami ( , 1940 Avrami ( , 1941 further investigated the nucleation of nickel clusters and concluded that the nucleation of nickel atoms follows a three-dimensional growth mechanism and that the diffusion across nickel-nickel oxide interface is the rate-limiting steps. However, early experimental results are not consistent among different research groups. These confl ictions are mainly caused by the little uniformity in the morphological properties. Richardson et al. (2003) reviewed those previous researches and separated the topology from morphology properties by using the in situ X-ray diffraction (XRD) method. This study not only established directly that the nucleation of nickel was instant but also demonstrated the in situ XRD as an effective tool to study oxide reduction processes. Mrowec and Grzesik (2004) also investigated the oxidation mechanism of nickel. They found that nickel oxide grows in a cation outward diffusion pattern. Double ionized cation vacancies were the dominating factors in nickel oxide growth, and the volume diffusion of cations governed the growth rate.
In chemical looping processes, the instant nucleation of nickel can cause agglomeration. It is one of the main reasons that render unsupported nickel oxide unsuitable. Various materials have been tested as supports to overcome this problem. Alumina (Al 2 O 3 ) has attracted particular interests for its favorable fl uidization properties such as low cost (Johansson 2007 ) . Nickel is more dispersed with an Al 2 O 3 support and, thus, less prone to agglomeration. This explanation has also been verifi ed by in situ XRD experiments (Han et al. 2004 , Readman et al. 2006 ). However, a new problem surfaces for the NiO/Al 2 O 3 system. The nickel aluminate (NiAl 2 O 4 ) accumulates from cycle to cycle, and this causes the declination of the oxygen-carrying capacity. NiAl 2 O 4 is of the inverse spinel structure, with O 2-ions forming the cubic close packing pattern and Ni 2 + distributing in the octahedral interstices (Cooley and Reed 2006 ) . After studying many combinations of nickel oxide and support materials at 600 ° C. Jin et al. (1999) found that NiO/NiAl 2 O 4 possessed prominent recyclability. To investigate the mechanism and kinetics in the chemical looping processes, Readman et al. (2006) extended the in situ XRD method to the redox cycle of the NiO/NiAl 2 O 4 system. By using hydrogen and methane as fuel gas and oxygen as oxidation gas, they observed direct reduction and reoxidation. No intermediate phases were found in the redox cycles. The NiAl 2 O 4 remained inert during the reaction. However, the detailed oxygen transport scheme is still unknown.
Copper-based oxygen carrier
The reduction of CuO is more complex than that of NiO. Kim et al. (2003) investigated the mechanism of CuO reduction by hydrogen in detail using in situ XRD methods. If the hydrogen fl ow rate is high enough, CuO can be directly reduced to metallic Cu without an intermediate formation. There is also an induction period where sites may form that subsequently causes fast H 2 dissociation. Dissociated hydrogen atoms migrate to the interface between Cu and CuO rebinding with O 2-locally. If the hydrogen fl ow rate is limited, the metastable states generated in the reduction of CuO can transform to Cu 2 O. The activation energy for the reduction of Cu 2 O is about twice that of CuO, making the reaction more diffi cult.
For the oxidation of metallic copper, a two-step pathway has been observed ( O ' Keeffe and Bovin 1978 , Milman et al. 2000 , Kim et al. 2003 .
The activation energy of reaction (3) is much lower than that of reaction (4), and this could be explained from crystallography analysis. The metal lattice in metallic Cu is similar to that in Cu 2 O and is much smaller than that in CuO. For this reason, only a slight expansion is necessary for reaction (3), but a drastic change of the lattice structure is necessary for reaction (4) (Kim et al. 2003 , Yang et al. 2010 .
For the application of copper-based oxygen carrier particles in chemical looping, there are several favorable features, such as the exothermic reduction and oxidation, the fast reaction rate, and the comparatively cost-effectiveness (Johansson 2007 , Fan 2010 . However, the low melting temperature of copper makes it unsuitable in large-scale operations. Copper is prone to severe agglomeration, and this diffi culty causes problems in both fl uidization and recyclability (Cho et al. 2004 , Li et al. 2009a ). Thus, support materials, such as Al 2 O 3 , are also added to improve the stability of copper-based oxygen carrier (de Diego et al. 2005 , Ad á nez et al. 2006 . CuO can react with Al 2 O 3 and CuAl 2 O 4 becomes a dominant species after several redox cycles. Unlike nickel-based oxygen carriers, copper-based oxygen carriers still have unsatisfactory stability and agglomeration issues even when using CuAl 2 O 4 as support (Johansson 2007 ).
CuO has the tendency to decompose at low oxygen partial pressures (Lewis et al. 1949 ). This has been previously considered as undesirable reactions because it reduces the oxygen-carrying capacity. However, Mattisson et al. (2009) proposed the CLOU process for solid fuel conversion: Mattisson et al. (2009) claimed that fuel would react with released oxygen rather than metal oxide solids. As a result, the fuel gasifi cation process is avoided, which is the rate-limiting step for solid fuel chemical looping systems. Siriwardane et al. (2010) reported another " fuel-induced oxygen release " mechanism. They pointed out that the CLOU mechanism cannot explain the C/CuO reaction at 500 ° C because the concentration of released oxygen is too low to oxidize carbon based on the thermodynamic analysis. In the " fuel-induced oxygen release " mechanism, solid fuels are capable of reacting with oxygen carriers directly without any gas phase intermediates. Small particle sizes and surface melting are two ways to enhance the solid-solid interaction. Eyring et al. (2011) studied the oxidation kinetics of unsupported copper oxide. The experimental results show a decreased Cu 2 O oxidation rate when the temperature increases beyond 850 ° C. It is concluded that the copper oxide regeneration is controlled by the oxygen diffusion through the grain boundaries in the outer CuO shell. The grain size increases at high temperatures, which in turn reduces the effective diffusivity and oxidation rate (Prisedsky and Vinogradov 2004 , Zhu et al. 2004 ). The oxidation mechanism can be further complicated by the various supports, the reaction kinetics, and the changing surface area.
Manganese-based oxygen carrier
Manganese oxides are known to be an oxygen storage component for three-way catalysts. This is due to manganese oxides ' good redox properties. Using methane or hydrogen as a reducing agent, the lattice oxygen in manganese oxide can be donated to oxidize the fuel (Kleut 1994 ) . Manganese oxides are not likely to be reduced to its metallic phase, thus avoiding sintering and carbide formation. The transition conditions for four important phases are summarized hereafter. Stobbe et al. (1999) studied the reduction and oxidation behavior of manganese oxides. Using H 2 as the reducing gas, they found that MnO 2 reduction to MnO is almost a one-step process. As for Mn 2 O 3 , the reduction is of two steps through Mn 3 O 4 to MnO. The reduction of Mn 3 O 4 was infl uenced by its preparation procedure. In addition, they concluded that the defect concentration rather than the oxidation state of manganese determined the reducibility by relating crystallinity to reduction temperature.
For the reoxidation of MnO back to Mn 2 O 3 , the typical temperature is in the range of 550 -650 ° C. The temperature cannot be too low, or the reaction rate is too slow. On the other hand, the temperature cannot be too high because of the thermodynamic restrictions. It has been shown that the aging effect is signifi cant for manganese-based oxygen carrier particles. Stobbe et al. (1999) attributed it to the increase in grain size as a result of the recrystallization process during the redox cycles. Support materials are added to increase recyclability to overcome this problem. Zafar et al. (2005) used Mn 2 O 3 / SiO 2 as the oxygen carrier particle for CLR. They found that the active phase and the inert support can react irreversibly to form manganese silicate (Mn 2 SiO 4 ) and can render a drastic decrease in reaction rate after a few redox cycles. A similar phenomenon was also reported on Al 2 O 3 -, TiO 2 -supported particles because of the formation of manganese aluminates and titanates (Mattisson et al. 2003 ) . By screening hundreds of different components, Johansson (2007) and Adanez et al. (2004) found that ZrO 2 was inert in the reactions. It is notable that ZrO 2 transformed from monoclinic to tetragonal structures at 1170 ° C, and this phase transformation can cause surface cracks. Similar to copper-based oxygen carrier particles, manganese-based oxygen carrier particles are also capable for CLOU. Shulman et al. (2009) investigated several Mn/Mg-based oxygen carriers in the CLOU process and concluded that near-complete conversion of methane can be achieved. is of a rock salt structure. Iron cations can be considered to occupy all the octahedral interstices formed in the closedpacked cubic oxygen lattice ( Figure 3 ). The Fe-to-O molar ratio equals to 1 in the perfect case. However, a notable amount of iron vacancies exists in w ü stite. As a result, the Feto-O molar ratio in a typical w ü stite sample ranges between 0.83 and 0.95 (Darken and Gurry 1945 ) .
Iron-based oxygen carrier particle
The redox reaction mechanisms for pure iron and its oxides have been extensively studied and well understood. Hauffe (1955) summarized the solid-state diffusion patterns on the oxidation of iron oxide from metallic iron to iron (II) oxide as listed hereafter. In all the solid phases, neutrality is maintained by electron fl ux.
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tite-magnetite interface via iron vacancies. Iron ionized on the metallic iron-w ü stite interface. vi. Edstrom (1957) systematically investigated the reaction of hematite to magnetite and w ü stite. The mass transport was opposite in direction but same in the diffusion pattern. The concentration gradient is the driving force for the diffusion. In addition to the study on oxidation and reduction separately, Sakata et al. (1979 Sakata et al. ( , 1980 investigated the mechanism for the redox cycle of pure Fe 2 O 3 at 300 ° C, with the oxygen capacity varying between 98.9 % and 100 % . Using oxygen isotopes, they determined that bulk oxygen did not take part in the redox reactions. This demonstrated the low diffusivity of the oxygen ions to the surface. A mechanism involving the diffusion of iron ions, instead of oxygen ions, was proposed. The relative diffusivities of iron ions and oxygen ions are not expected to change at higher temperatures because iron ions are much smaller than oxygen ions. At higher temperatures, the iron will diffuse and sinter, leading to decreased reactivity over redox cycles. However, because the practical importance of the ironmaking/corrosion processes was the primary incentive for the early research, two other central aspects of chemical looping processes -recyclability and effects of support -received little attention. It has been confi rmed that the commercial iron oxide particles lose their reactivity in the fi rst few redox cycles; the addition of support materials is considered one promising solution to this problem. Mattisson et al. (2004) carried out partial reduction and oxidation of Fe 2 O 3 to Fe 3 O 4 and found that reaction rates for various metal oxide particles depend on the support used. Similar fi ndings on the reduction of Fe 2 O 3 with various supports and sintering temperatures have been reported in other studies. Urasaki et al. (2005b) reported cyclic redox experiments conducted on Fe 2 O 3 doped with 0 -0.4 % ZrO 2 . The oxygen capacity can be varied by 30 % to 50 % at 450 ° C when H 2 /He and H 2 O/He gas mixtures were used. The presence of ZrO 2 led to improved oxidation rates compared with pure Fe 2 O 3 and helped stabilize the surface area of the particle. They stated that the oxidation rates purely depended on the surface area, which decreased over several cycles, leading to decreased reactivity. Similar results were reported when Pd was the dopant. The studies indicated that a stable pore structure was important for the recyclability of pure Fe 2 O 3 at lower temperatures. This behavior can be explained by the low ionic diffusivity of Fe 2 O 3 at low temperatures. At high temperatures, however, the enhancement of oxygen ion diffusion becomes an important factor in the development of optimal oxygen carrier particles for chemical looping processes. Urasaki et al. (2005a) found an approximately 22 % increase in the steam oxidation rate of reaction upon adding a trace quantity (0.23 mol % ) of zirconium to the Fe 2 O 3 . The increase was explained on the basis of reduced sintering at 500 ° C. Takenaka et al. (2004) studied the effect of Mo and Rh on the recyclability of Fe 3 O 4 -based particles. Rhodium addition was found to increase the reaction rates of reduced particles with steam by lowering the activation energy of the reaction, but increased sintering was observed leading to decreased reactivity in the long term. The addition of Mo helped prevent sintering by the formation of ferrites (Mo x Fe 3-x O 4 ), which inhibited the contact between metallic iron particles (Takenaka et al. 2004 ) .
As described in nickel and other metal-based oxygen carrier particles, the improvements in the performance after support addition were often attributed to the increase in pore size and sintering resistance. These changes would lead to enhanced intraparticle gaseous diffusivity (He et al. 2009 ). However, Li et al. (2009a) found that the signifi cant decrease in pore volume after the fi rst redox cycle did not affect the reactivity of the Fe-Ti-O particle. Both the reactivity and morphological properties of pure iron oxides deteriorate fast over multiple redox cycles. When support materials, such as TiO 2 or Al 2 O 3 , were added, the reactivity and recyclability of oxygen carrier particles could be drastically improved (Cho et al. 2004 , Li et al. 2009a ). The excellent recyclability of the Fe-Ti-O particles may be attributed to the increased ionic diffusivities for both the oxygen ion and the iron ion. Ionic diffusion occurred because of the defects formed in the TiO 2 crystal structure in the presence of Fe 3 + and Fe 2 + ions. The introduction of Fe 2 O 3 into the TiO 2 can cause either lattice substitution defects or interstitial addition defects in the TiO 2 crystal structure. The atomic radius of Ti 4 + ions is 61 pm, and for Fe 3 + , it is 65 pm (Chiang et al. 1997 ) . Because of the similarities in the atomic radius and the close packing structure of the lattice usually encountered for larger ions such as Ti 4 + and Fe 3 + , it is reasonable to assume that cationic lattice substitution occurs rather than interstitial addition. One oxygen ion (O 2-) will be vacated for every two Ti 4 + ions substituted by two Fe 3 + ions to maintain electrical neutrality in the crystal structure. The resulting oxygen ion vacancies will create point defects in the crystal structure if the vacancy concentration is lower than a critical concentration. When the vacancy concentration is higher than the critical concentration, other defects such as shear planes will occur. The presence of such vacancies in Fe-Ti-O particles has been confi rmed by various studies. These vacancies are related closely to improved ionic diffusivity. Wang et al. (2005) determined that the critical atomic concentration was 2 % Fe 3 + in TiO 2 . Because of the presence of these oxygen vacancies, an oxygen ion will be able to diffuse through the crystal structure. Such diffusion will be limited severely in pure Fe 2 O 3 where such vacancies in the crystal lattice are absent. In pure Fe 2 O 3 , alternative mechanisms for oxygen to diffuse out of the particle include anionic substitution and interstitial migration. The activation energy for these diffusion mechanisms, however, will always be higher as compared with Fe-Ti-O where an oxygen diffusion path may readily exist. Pure iron oxidation follows outward iron cation diffusion mechanism, whereas supported iron obeys an inward oxygen anion diffusion pathway (Li et al. 2011b ). Shadman (1990, 1991) identifi ed the diffusion of atomic iron and oxygen through the ilmenite (FeTiO 3 ) structure during the reduction of ilmenite with carbon monoxide and hydrogen. Fe crystals were reported to be formed as a result of diffusion and coalescence of the iron ions during the reduction. The formation of a 1 to 2 atomic percent iron containing TiO 2 in between the ilmenite crystals and the iron crystals also was identifi ed as the cause of enhanced diffusivity of the atomic iron, as well as of the oxygen. Moreover, the presence of 1 to 5.5 atomic percent titanium was found in the iron crystals.
To further understand the possible reasons behind this phenomenon, Li et al. (2011a) extended the mechanism study to an atomic level. They found that TiO 2 is likely to increase the oxygen conductivity within the bulk phase rather than to decrease the energy barrier for the surface reduction reactions of iron oxides. The activation energy for the reduction reaction and the oxygen anion diffusivity within the dense solid phase has been calculated for w ü stite and ilmenite (FeTiO 3 ) systems using density functional theory (DFT). W ü stite and ilmenite were chosen for the following reasons: (a) ilmenite is widely used as a supported oxygen carrier for chemical looping processes, and w ü stite is a pure form of iron oxide; (b) the valence states of iron in both compounds are directly comparable; and (c) they both have well-defi ned crystal structures. Because notable amounts of iron vacancies usually exist in w ü stite, both perfect FeO and cation-defected Fe 0.96 O were investigated. They found that the DFT calculation results are notably higher than the experimental values for the activation energy of the reduction reaction, but they are in qualitative agreement. The activation energy for the defected Fe 1-x O (111) surface is lower than that for the FeTiO 3 (001) surface. It indicates that the addition of TiO 2 is unlikely to significantly reduce the activation energy for the reduction of the oxides of iron. Figure 4 showed that the energy barrier for oxygen anion migration in FeTiO 3 is only half of that in the perfect FeO. Although the mobility of oxygen anions can be enhanced because of the presence of iron defects in Fe 0.96 O, the energy barrier for oxygen anion diffusion in FeTiO 3 is still signifi cantly lower. The cation-to-anion ratio is deemed to be the reason for increased oxygen anion diffusivity. Oxygen forms a close-packed lattice in both structures. In w ü stite, nearly all the octahedral interstices are fi lled, whereas only two-thirds are occupied in ilmenite, and this may contribute to the ease in oxygen anion migration. Furthermore, because there are rare oxygen defects in ilmenite, the TiO 2 -supported iron oxide particles should possess an even higher diffusivity because of the signifi cant amount of oxygen defects ( Figure  5 A,B ). This conclusion is consistent with the previous mentioned inert marker experiment that TiO 2 support can notably improve the ionic diffusivity of oxygen anion, as shown in Figures 6 A -D and 7 A -D (Li et al. 2011b ) .
Hydrogen ion diffusivity could also contribute to the reaction rates. Steinsvik et al. (2001) studied the conductivity of hydrogen ions through defect-containing crystal lattices of the Sr-Fe-Ti-O system and found that hydrogen ionic conductivity was an order of magnitude smaller than oxygen ion conductivity at temperatures above 700 ° C. Similar values were reported when steam was present. The contribution of hydrogen ion diffusion was found to increase with a decrease in temperature, reaching almost 50 % of the total ionic conduction at 500 ° C. These fi ndings from the present study can help elucidate the role of support in the performance of oxygen carrier materials and guide the rational design of high performance oxygen carrier for chemical looping applications.
Type II looping system
2.2.1. Primary metal selection The fundamental concept underlying the type II chemical looping system lies in the employment of metal oxide (MO) sorbents for in situ removal of CO 2 generated from the reactive process at high temperatures, yielding a reaction product of metal carbonate (MCO 3 ). The carbonation reaction can be given as
The metal carbonate (MCO 3 ) formed can then be calcined to regenerate the metal oxide. The regeneration is achieved by heating the carbonate beyond the corresponding calcination or decomposition temperature. The calcination reaction is given as
The key to the type II looping process is to identify available MO-based sorbents that are cost-effective and directly usable. It is also critical to fi nd sorbents that can be engineered to arrive at the desired morphological, reaction, and regeneration properties with respect to the CO 2 capture. The process that uses such high-effi ciency MO-based sorbents provides the ultimate (wt % ) sorption capacity (quantifi ed by kg CO 2 /kg of the sorbent) and the best kinetics for the CO 2 sorption process. Higher sorption capacity and reactivity allow for lower sorbent requirements, less handling, and lower regeneration costs, leading to lower capital and operating costs. After regeneration, it is desirable that a pure stream of CO 2 can be obtained from the sorbent calcination process. CO 2 purity plays an important role in CO 2 transportation, sequestration, and other commercial applications.
Many metal oxides undergo carbonation and calcination reactions. Effi cient integration of this process for gasifi cation and combustion systems mandate high operating temperatures of the sorbents in the range of 500 ° C -900 ° C. However, very few metal carbonates decompose between 200 ° C and 900 ° C. Some viable metal oxide candidates include oxides/ hydroxides of calcium, magnesium, zinc, copper, and manganese. They react with CO 2 to form their respective carbonates. The calcination temperatures of the carbonates formed, such as CaCO 3 ≈ 890 ° C, MgCO 3 ≈ 385 ° C, ZnCO 3 ≈ 340 ° C, and MnCO 3 ≈ 440 ° C, are within the temperature range of interest. Aqueous phase MgO carbonation has been studied as a method of CO 2 sequestration, but the carbonation/calcination reaction cycle for MgO has not been examined for CO 2 separation (Park et al. 2003 ) . Extensive literature exists on the dehydration of Mg(OH) 2 , but carbonation studies of MgO and Mg(OH) 2 are rare. Butt et al. (1996) the sequestration properties of Mg(OH) 2 carbonation. They obtained about 10 % carbonate formation between 387 ° C and 400 ° C and 6 % carbonate formation between 475 ° C and 500 ° C. They attributed the low conversion to the formation of a non-porous carbonate product layer from the carbonation reaction. This layer hindered the inward diffusion of CO 2 and the outward diffusion of H 2 O, leading to low conversion. They fi tted the data to a contracting-sphere model and obtained an activation energy of 72 kcal/mol. Carbonation reactions of ZnO, CuO, and MnO 2 have been reported in only a few studies. Sawada et al. (1996) observed a very low conversion of ZnO to ZnCO 3 at room temperature, but high-temperature carbonation studies have yet to be done. Okuma et al. (1988) noticed a benefi cial effect of moisture on the carbonation of ZnO. Shaheen and Selim (1998) conducted thermal stability studies on basic CuCO 3 and found the decomposition temperature of CuCO 3 at 225 ° C. They observed that MnCO 3 underwent a more complex thermal degradation phenomenon. MnCO 3 fi rst decomposed to MnO 2 at 300 ° C, which in turn changed to Mn 2 O 3 at 440 ° C. At higher temperatures ( ∼ 900 ° C), the fi nal thermal decomposition product was found to be Mn 3 O 4 . Different oxides of manganese provided fl exibility for investigating the carbonation/calcination reaction over a wider range of temperatures. Calcium oxide or calcium hydroxide has been extensively investigated as a typical metal oxide sorbent used for carbonation-calcination reaction (CCR). The reaction between CaO and CO 2 occurs in two distinct stages. The fi rst stage occurs rapidly and is kinetically controlled, whereas the second stage is slower and diffusion controlled. This phenomenon is attributed to the formation of a non-porous carbonate product layer that hinders both outward diffusion of H 2 O and inward diffusion of CO 2 . Moreover, because CaCO 3 is higher in molar volume, the plugging of pores is also inevitable during the reaction. In addition, CaCO 3 sinters to a higher extent, and this tendency exacerbates the loss of porosity. For any commercial applications, only the fi rst stage of the reaction should be considered in order to use a compact reactor for the removal of CO 2 . Abanades and Alvarez (2003) studied the rate, the extent of the carbonation reaction, and the variation of these parameters over multiple carbonation and calcination cycles. The calcium oxide conversion at the end of the rapid kinetically controlled regime is found to decay sharply for naturally occurring limestone with an increase in the number of cycles. For all these reactions, the interior of the CaO particle becomes less prone to carbonation and results in signifi cant reactivity loss in the fi rst few cycles. Thus, decreasing of sorbent capture capacity is a common challenge to confront over multiple cycles of operation. It is widely recognized that the morphology of sorbents is a key factor that determines capture performance. Various methods have been explored to identify the method to maintain good recyclability of sorbents, e.g., testing different precursors, adding supports, and conducting water/steam hydration.
Precursor and support material selection
CaO derived from different precursors may show distinct physical CO 2 capture behavior. The reasons are mainly interpreted from morphological properties such as surface area and porosity. High surface calcium carbonate can be obtained by precipitation. CO 2 was bubbled through Ca(OH) 2 , and the morphology of precipitated calcium carbonate can be tailored by using an anionic dispersant Fan 2002 , Iyer et al. 2004 ( Lu et al. 2006 . On the other hand, calcium oxalate [Ca(COO) 2 ]-derived CaO exhibits less CO 2 capture capacity because it was microporous. Recent studies with more exotic calcium precursors have also confi rmed the importance of these morphological properties. In addition, further chemical treatments have been applied to derive CaO. Modifying the CaO derived from naturally occurring limestone by ethanol/water solutions can result in higher surface areas and pore volumes . The treated CaO exhibits a higher conversion over subsequent cycles, although there is no major difference in the fi rst cycle. This improvement is attributed to the improved H 2 O molecule affi nity and penetrability to CaO because of the presence of ethanol. Limestone demonstrates a better performance after modifi cations with acetic acid solution. The enhanced durability was hypothesized to preserve of the pore structure by delaying or preventing sintering.
Another way to improve the recyclability is to use supported CaO. Because of high surface areas and well-defi ned pore structures, mesoporous silicates (MCM-41 and SBA-15) have been incorporated with CaO. There are cylindrical channels in the MCM-41 structure, and pores of amorphous silica are in the range of 1.5 to 10 nm. SBA-15 contains even larger pores (5 -30 nm) than MCM-14. Although providing frameworks for supporting CaO with high surface area and pore volume, the SBA-15-supported CaO yields better stability (Liu et al. 2004 ) . As discussed in type I looping particles, the support materials have far more effect than merely providing more surface areas (Huang et al. 2010 ) . It is recognized that SBA-15 prohibits the sintering of CaO in cyclic testing. The sorbents can possess more than 60 % capture capacity after 40 cycles. Other examples include the general acceptance that dolomite-derived CaO performs better than limestone-derived CaO over multiple cycles. The reason behind this phenomenon is considered to be the reduced sintering because of the presence of MgO (Chen et al. 2009 ). Superior performance was reported on the synthetically prepared MgO doped than that derived from dolomite (Li et al. 2009b ). Long-time tests have been conducted by different groups with different compositions. CO 2 removal capacities (45 wt % ) are reported to be maintained with 26 wt % MgO-supported CaO over 100 CCR cycles (Chen et al. 2009 ). It was also reported that a mixture of CaO and 20 wt % MgO can maintain 24 wt % CO 2 capacity even after 1250 cycles (Albrecht et al. 2008 ) . Recently, a new regenerable calcium-based sorbent, CaO/Ca 12 Al 14 O 33 , was tested at different conditions (Li et al. , 2006 (Martavaltzi and Lemonidou 2008 ) . Sorbents can maintain a high residual capacity after 1000 cycles no matter if they are in the form of pellet or powder. It was observed that this new sorbent can attain the reactivity of 41 wt % after 50 cycles under mild conditions (850 ° C, 100 % N 2 ) and 22 wt % after 56 cycles under severe conditions (980 ° C, 100 % CO 2 ) (Manovic and Anthony 2009 ).
In order to take advantage of the frame structure provided by support materials, another way to increase the surface area is to use nano-CaCO 3 rather than micro-CaCO 3 . Furthermore, when the nano-CaCO 3 precursor was mixed with other materials, both nano-sorbents and support effects are integrated together. For example, nano-CaO/Al 2 O 3 yields a stable adsorption ratio of 68.3 % after 15 cycles (Wu et al. 2008 ). In addition, Ca 12 Al 14 O 33 forms at a lower temperature for the reaction between nano-CaCO 3 and Al 2 O 3 .
The supports are capable of stabilizing favorable structures under cyclic testing. It should also be pointed out that although supports can contribute to maintaining reactivity by retarding sintering, the overall CO 2 capture capacity may not be necessarily enhanced because of the low CaO content. In addition, the operation cost can also increase because of the circulation of inert materials. Thus, the overall process economics cannot be effectively evaluated without bearing these factors in mind. Furthermore, because the morphological properties of sorbents deteriorate irreversibly under high calcination temperatures during multiple calcination-carbonation reaction cycles, reactivation methods that can effectively restore the capture capacity can be a good strategy.
Hydration and the mechanism for reactivation
A method of complete reactivation through hydration of the calcined sorbent has been developed at the Ohio State University .
The complete reactivation of the sorbent during every cycle reverses the effect of sintering, and the history of the number of cycles is lost (Figure 8 ). Hence, this process minimizes the amount of solid circulation in the system. Two modes of hydration have been investigated: (1) ambient hydration with water and (2) high-temperature, high-pressure hydration. High-temperature, high-pressure hydration does not require the cooling and reheating of the sorbent, thereby signifi cantly reducing the parasitic energy consumption of the process. Sorbent reactivation by hydration can be integrated into the CCR process to alleviate sorbent decay over multiple cycles. Hydration at atmospheric pressure, in the presence of steam at 150 ° C, yielded a sorbent with 52 wt % (11.8 mol/kg CaO) capture. It was found that the reactivity of the sorbent increased from 18 % to 45 % by pressure hydration at 600 ° C and 100 psig ( ∼ 8 atm). The high CO 2 sorption performance of hydrated-CaO sorbents is linked to the morphology and the texture of the sorbents as shown in Table 4 . Because considerable heat is released in the exothermic reaction between H 2 O and CaO, surface cracks form, inner pores expand, and intra-particle attrition occurs. Scanning electron microscope (SEM) analysis has confi rmed that hydration could result in superior macrostructural properties with high surface area, high pore volume, and predominately mesoporous structure. In sintered sorbents, particles agglomerate together losing their individual identity. After hydration, large cracks formed on the surface with particles breaking into small pieces. In BET (Brunauer, Emmett and Teller, 1938) experiments, analysis showed that N 2 can diffuse into the interior of particle with ease. It also indicated that there was a channel network formed by pores over the whole particle. However, it should be pointed out that the channels are much more complex in the carbonation reaction as compared with N 2 adsorption. CaCO 3 forms simultaneously as CO 2 molecules diffuse within the channels, and it can block the pathway for CO 2 to contact CaO in the interior of particles. Thus, local pores created by hydrogen may be unavailable for carbonation reactions. As can be seen from Figure 9 A,B, reactivity is proportional to the surface area or pore volume when they are in low value range. However, the reactivity of calcium sorbents cannot be further enhanced above 60 wt % even when both surface area and pore volume are increased (Yu et al. 2011 ) . There is extensive research carried out in the 1950s to study the mechanism of CaO hydration. In the " advancing interface mechanism " , Glasson (1958 Glasson ( , 1960 proposed that hydration proceeds from outside to inside with the interface advancing inward for each CaO crystallite. Products maintain their relative positions similar to reactants, although the overall volume expands because of increased molar volume. In the mechanism of " through solution " , Ca(OH) 2 forms in the pores and spaces occupied by CaO from the supersaturated solution (Birss and Thorvaldson 1955 , Ramachandran et al. 1964 . It should be pointed out that mechanisms can differ at different calcination temperatures used to generate CaO (Han et al. 2010) . The surface area of CaO is a function of decomposition temperature because there are two opposing and simultaneous effects -sintering and recrystallization. The sintering effect causes particle agglomeration, and surface area decreases with sintering. On the other hand, particle recrystallization tends to increase the surface area. It is reported that recrystallization is the dominating factor if the residence time of the calcination reactor is short (Ghosh -Dastidar et al. 1995 ) . These understandings contribute to the reactor design because it provides information about the optimization of the temperature and residence time for better sorbent performance.
To understand the massive microstructural changes occurring during the hydration process, both XRD experiments and DFT calculations were carried out. The grain size can be determined by the peak breadth in XRD spectra. The peak breadth increases signifi cantly after hydration, indicating a smaller grain size. This is consistent with the SEM images that the hydration process breaks sintered sorbents into small pieces. Intra-particle spaces become larger with smaller grain size and thus become less CO 2 diffusion resistant (Wu et al. 2008 ) . Furthermore, it is found that hydration also alters the distribution of the surfaces in different orientations. Because of the increase in overall surface area, all the Ca(111), Ca(100), and Ca(110) surface areas increase; however, their relative concentration changes. CaO(111) and CaO(100) surfaces increase in percentage, whereas CaO(110) decreases in percentage. From Figure 10 A -I, it is clearly shown that atom arrangements are different on the three surfaces. This difference is also refl ected in the adsorption energy calculated by DFT. CaO(110) and CaO(111) have similar adsorption energies, whereas CaO(100) has a signifi cantly larger energy. These understandings indicate that hydration could also change the exposed surface orientation and affect the adsorption capacity by altering surface structures. Detailed mechanistic studies on the hydration mechanism are still in great desire.
Reactor and system confi gurations of metal oxide looping systems
In addition to the metal oxide particle properties and performances discussed in the previous sections, reactor design is another important factor governing the success of chemical looping systems. Chemical looping reactors usually handle a number of interrelated gas-solid and/or solid-solid reactions, and the reactor design requires comprehensive understanding of the complex reaction system, including the thermodynamics, the kinetics, and the fl uid dynamics. Furthermore, the individual reactor design and optimization should also be evaluated from the standpoint of the overall process. This section discusses the chemical looping reactor design, various system confi gurations, and experimental results. The type I looping system either consists of a reducer and a combustor when applied in the CLC process for heat and power generation or consists of an additional oxidizer between the reducer and the combustor for hydrogen production when applied in the CLG process. The combustor usually adopts a dense fl uidized bed design to regenerate the oxygen carriers using air, above which a riser is placed to pneumatically convey the particles to the reducer. The global solid movement in the mode 1 looping system thus resembles the CFB system, which has already been widely used for fl uidized bed combustion (FBC) and fl uidized catalytic cracking (FCC) applications. The reducer, however, features a number of designs. Despite the seemingly vast variances in the reducer designs, they can be characterized by two fundamental modes based on the different gas-solid contact patterns, as given in Figure  11 A -E. Mode 1 is characterized by the mixed fl ow of gas and solid in a typical fl uidized bed, conducted at the bubbling, turbulent, fast fl uidized bed, or sprouted bed regime. The mode 1 reducer and the fl uidized combustor jointly form a CFB system. Most of the CLC processes are developed on the basis of such interconnected fl uidized bed mode 1 systems. Mode 1 is typically represented by the bubbling/turbulent fl uidized bed reducer system developed at the Chalmers University (Lyngfelt and Thunman 2005 ) and by the CFB reducer system developed at the Vienna University of Technology (VUT) (Pro ll et al. 2009a as given in Figure  11A . Mode 2, on the other hand, is represented by the gassolid countercurrent contact pattern in a moving dense bed or a multistage fl uidized bed. Fan and his team are developing both CLC and CLG processes based on the mode 2 reducer design at the Ohio State University (Thomas et al. 2003) . The typical mode 2 system for CLC applications is given in Figure 11B . The mode of operation employed overwhelmingly affects the type of reaction products generated and the oxygen carrier conversion achieved from the chemical looping reactions. Furthermore, the mode of operation selected for a process system dictates the solid fl ux requirement to achieve a given process operating capacity and, hence, the scalability of the processes for large-scale commercial usage. The next section fi rst describes the mode 1 reactor design and operating behavior. This is followed by discussions on the mode 2 reactor design and comparisons between the two modes.
Type I mode 1 CLC reactor design and operation
It is evident that the design of a mode 1-based CLC system should methodically consider the solid circulation rate and solid inventory requirements; these requirements can be estimated based on the reactivity of the particles. Other important particle properties besides reactivity include density, size, attrition, and agglomeration. Considering the fl uidization properties of the particles in the mode 1 CLC system, the size of the oxygen carriers cannot be too large or too small. The size of a single particle would typically be between 75 and 250 μ m. Furthermore, attrition and agglomeration of particles need to be avoided, because attrition results in particle loss and agglomeration leads to bed defl uidization. This section fi rst discusses how to estimate the solid inventory and particle circulation rate based on the oxygen carrier particle performance. It is important to recognize that the small solid inventory for the reactor system does not necessarily imply the small volume of the reactor system as the volume of the reactor system is also determined by the fl ow regimes under which the gas-solid reaction is carried out. Thus, to size the chemical reactor system, it requires all the information on solid inventory, particle circulation rate, and reactor volume. Particular attention of this section is placed on the simultaneous handling of a large amount of gas and solid reactants during the mode 1 CLC system operation.
Particle kinetics and their relationship with mode
1 CLC reactor design Chemical looping reactor design and operation are closely related to the performance of the oxygen carrier particles (Mattisson et al. 2003 ) . It is essential to examine the particle kinetics from a thermogravimetric analysis (TGA) test and/or a laboratory-scale reactor in order to assess the reaction characteristics, thereby aiding large-scale chemical looping system design and operation. Important particle kinetics properties include oxygen carrier mass conversion rate (d w /d t ), extent of oxygen carrier mass conversion ( Δ w ), and extent of fuel conversion ( γ red ). The key CFB design data for mode 1 looping systems include solid inventory or bed mass ( m bed ), solid circulation rate ( m sol ), and fuel conversion. The relationships among oxygen carrier reactive properties and the key operational parameters are described in Figure 12 . It is evident from Figure 12 that the oxygen carrier particle kinetics signifi cantly affects the mode 1 looping system design parameters. The aforementioned relationships are exemplifi ed here using reaction curves of an alumina-supported nickel-based oxygen carrier, which were obtained from TGA tests by Mattisson et al. (2003) . Figure 13 shows the reaction curves. The mass conversion rates of the oxygen carrier are the highest when the oxygen carrier conversion is within the intermediate range, that is, when the oxygen carrier is neither fully oxidized nor fully reduced. To determine the solid inventories and solid circulation rate, we need to determine fi rst the mass conversions of the oxygen carrier in the reducer and the combustor. Mattisson et al. (2003) proposed a CFB operating strategy to be under the conditions where the mass conversion rates, d ω /d t , of the oxygen carrier are high. Figure 13 also shows that the high mass conversion rates of the oxygen carrier in both the reducer and the combustor occur over a relatively narrow range of the carrier conversion, ω . Limiting ω to a small range or keeping Δ w small can also reduce the temperature drop of the oxygen carriers in the reducer. Note that a large temperature drop in the reducer can lead to a decreased mass conversion rate of the oxygen carrier; thus, most mode 1 CLC systems are operated at a small Δ w . Such an operating strategy can lead to a reduced solid inventory resulting from fast oxygen carrier reaction rates. The challenge, however, lies in the high solid circulation rate requirement because of a small Δ w . For example, for ω between 0.98 and 0.99 ( Δ w = 0.01), Mattisson et al. (2003) estimated that the solid inventories will be 230 kg/MW th and 390 kg/MW th for the reducer and the combustor, respectively. The corresponding solid circulation rate will be very large, i.e., 8 kg/s/ MW th or 28,800 t/h for a power plant of 1000 MW th capacity. Mattisson et al. (2003) also investigated alumina-supported copper-, manganese-, and cobalt-based oxygen carriers using TGA and concluded that alumina-supported Mn and Co are not suitable for CLC operation. For Al 2 O 3 -supported CuO, the solid inventory in the reducer is estimated as 70 kg/MW th , whereas the solid inventory in the combustor is estimated as 390 kg/MW th . According to the operating strategy described previously, the laboratory-scale experimental data are used to predict the solid handling requirements of the mode 1 CLC system at a commercial scale. Various composite iron oxide particles were tested in a fl uidized bed experimental setup (Mattisson et al. 2003 ) . The results indicated that a reducer solid inventory can be less than 500 kg/MW th and can have solid circulation rates of 6 -8 kg/s/MW th . Johansson et al. (2004) investigated MgAl 2 O 4 -supported iron oxide particles and estimated the solid inventory to be 150 kg/MW th in the reducer. The mass conversion rates during the oxidation of iron oxide-based oxygen carriers are high in all cases. The experimental results obtained by Cho et al. (2004) using a laboratory-scale fl uidized bed indicate that the solid inventory of nickel-based oxygen carriers in the reducer can be lower than 80 kg/MW th . The corresponding solid circulation rate is 4 -8 kg/s/MW th . Leion et al. (2007) tested the possibility of using petroleum coke as the fuel, with an MgAl 2 O 4 -supported iron oxide particle, and found that the bed inventory requirement is about 2000 kg/MW th . The results presented previously are obtained from laboratory experiments performed under batch conditions. The operating conditions of these units are quite different from those in continuous CFB mode 1 systems. Therefore, the results obtained from these laboratory experiments can only be used as a very preliminary estimation of the parameters for the CFB mode 1 operation.
Several small-scale CFB mode 1 systems have been constructed to study the particle reactivity behavior under continuous conditions. Johansson et al. (2006a) studied the combustion of natural gas using a nickel-based oxygen carrier in a 300-W CFB. The CO 2 yield of the reducer ( γ red ) of between 97 % and 99.5 % was achieved with a total solid inventory of about 1000 kg/MW th . Abad et al. (2007) used an iron-based oxygen carrier in a 300-W CFB. The researchers found that at 1223 K, a solid inventory of 2500 kg/MW th was required for the reducer to achieve 100 % methane conversion, and 1200 kg/MW th was required to achieve 99 % methane conversion. When syngas was used as the fuel, solid inventories of 1100 and 650 kg/MW th for the reducer were required for 100 % and 99 % fuel conversion, respectively. The solid inventory in the combustor ranged from 320 to 380 kg/MW th . The corresponding solid circulation rates ranged from 6.7 to 10 kg/s/MW th . de Diego et al. (2007) investigated the possibility of using a copper-based oxygen carrier in a 10-kW th CLC system with methane as the fuel. The outlet methane concentration is negligible if the oxygen carrier-to-fuel ratio is greater than 1.5, corresponding to a solid circulation rate of 4.2 kg/s/MW th or higher. The total solid inventory was 2100 kg/MW th . Ryu et al. (2005) demonstrated a bentonite-supported NiO oxygen carrier in a 50-kW th CLC system with 99.7 % conversion of methane using about 720 kg/MW th of bed material and a solid circulation rate of 12 kg/m 2 s. The solid inventory and solid fl ux required for a continuous, large CLC system are usually much higher than those of a laboratory unit because of better reactant contact in a laboratory unit as compared with that in a large unit, leading to higher overall reaction rates.
The information presented previously indicates that both the solid inventory and solid circulation rates are large for commercial CLC using a CFB or a system based on the mode 1 design. For a 1000-MW th CLC plant using a CFB mode 1 design, the total solid inventory is on the order of 400-2500 t. The corresponding solid circulation rate is 3600-30,000 t/h. The large solid handling requirements in the commercial CLC system represent a major solid fl ow challenge for CFB operation.
Key design and operational parameters for a mode 1 CLC system
The mode 1 system consists of two or more reactors where at least one is the riser operated at dilute or dense fl uidization conditions for particle pneumatic conveying and/or reaction. The other reactor(s) can be operated at different fl uidization conditions such as bubbling or turbulent fl uidization. In this section, the key design parameters with a focus on the hydrodynamic properties of the riser in a conceptual 1000-MW th CFB-based mode 1 CLC system using methane as the feed are discussed.
Most reported experiments to date use a riser with a superfi cial velocity of 5 to 10 m/s. Some parametric relationships for riser fl ows are given here. For a riser fl ow with an operating superfi cial gas velocity above U tr , defi ned as the transport velocity of gas-solid fl uidization, the riser can be operated in the fast fl uidization regime (Fan and Zhu 1998 ) . In the case when the residence time in the riser is too short to allow the oxygen carrier to be completely oxidized, a dense bed operated in the turbulent fl uidization regime is used; this bed is placed below the riser to provide the required particle reaction time. The superfi cial gas velocity in the turbulent fl uidization regime is lower than the settling velocity U se and higher than the transition velocity U c . U c marks the onset of the transition to the turbulent fl uidization regime and is characterized by the maximum amplitude of the pressure fl uctuation variation with the gas velocity in the bed. The hydrodynamic properties for several types of particles used in CLC processes were examined based on the correlation equations (Bi and Fan 1992 . It was found that U tr ranged from 6.1 to 8.2 m/s, U se ranged from 4.9 to 7.5 m/s, and U c ranged from 3.6 to 4.9 m/s. In the discussion to follow, the superfi cial velocity for the riser is set at 7 m/s, and the superfi cial gas velocity U g for the turbulent bed below the riser is set at 4.9 m/s.
The analyses on the CFB mode 1 design parameters were performed on nickel-, copper-, and iron-based oxygen carrier particles. Experimental results on the reactive properties of particles from both the laboratory and small pilot systems were used. These results are given in Table  5 . Because most CLC systems are currently operated under atmospheric pressure conditions, the behavior of the riser operated at 1 atm and 900 ° C is fi rst examined. The values for U t (terminal velocity of individual particles), U c , and U se reported in the table are based on this operating condition. It is found that the airfl ow rate required is so large that an extremely high (162 m 2 ) riser cross-section is needed in Table 5 Key design parameters for different oxygen carriers in a 1000-MW th CLC system using methane as the fuel. order to maintain the superfi cial gas velocity of the riser at 7 m/s. Risers of such a size pose design and operational challenges and are deemed undesirable; the use of multiple risers for mode 1 CLC system will be more feasible. Considering a riser inner diameter (ID) of either 1.5 m, a common size of a FCC riser, or 8 m, a common size of a CFB combustor (CFBC) riser, a required number of risers to carry out the CLC operation can be calculated (Fan and Zhu 1998 ) . Table 5 presents various design conditions including the superfi cial gas velocity in the riser for a single riser operated at 1 atm and the required operating pressure for a single riser operated at a superfi cial gas velocity of 7 m/s. Table 5 shows that both the solid circulation rates and the airfl ow rates for the CFB-based mode 1 CLC systems are large for all cases. Although a multiriser design is technically feasible, construction of a large number of hightemperature risers is capital intensive. A reduction in the riser cross-sectional area leads to an increase in the riser superfi cial velocity, which could escalate particle attrition. One approach to reduce the riser cross-sectional area is to increase the operating pressure. For example, an increase of the operating pressure in the riser to 90 atm leads to a single riser with a diameter of 1.5 m. Operating the riser at such a high pressure and high temperature with a very high solid fl ux yields a riser fl ow of high densities or high solid holdups. Figures 14 and 15 describe the relationships between riser diameter and such variables as solid fl ux, solid holdup, and riser pressure, when a single riser is used at a constant superfi cial gas velocity of 7 m/s. It is seen from the fi gures that the riser can either be designed at a low pressure with a large cross-sectional area and low solid fl ux and holdup or at an elevated pressure with a small cross-sectional area and high solid fl ux and holdup.
It is noted from the fi gures that the solid holdup decreases and is followed by a slight increase when the riser diameter increases. With increasing riser diameter, the decrease in the solid holdup is mainly due to the decrease in the solid fl ux, whereas the slight increase is mainly due to the increase in the particle terminal velocity caused by the decrease in the operating pressure of the riser. The selection of the optimum operating pressure and cross-sectional area of the riser, however, needs to take into account the incremental capital and operating cost variations. It is further noted from Table 5 that, for a moving bed or mode 2 CLG system using iron oxide as the oxygen carrier, both the solid circulation rate and airfl ow rate are low. For the mode 2 operation, the low solid circulation rate results from the high oxygen carrier conversion in the reducer, whereas the low airfl ow rate results from the significantly reduced oxygen consumption to oxidize the partially regenerated metal oxide state of Fe 3 O 4 to the original state of Fe 2 O 3 . Mode 2 chemical looping reactor design and operation are discussed in the following section.
Type I mode 2 reactor design and operation
A reducer that maximizes fuel and oxygen carrier conversions has the potential to maximize the overall energy conversion effi ciency of the process. On the one hand, higher fuel or gas conversion leads to higher product purity and CO 2 capture effi ciency. On the other hand, higher oxygen carrier particle conversion leads to lower particle circulation rate and lower parasitic energy requirements. The gas-solid contacting pattern plays an important role in maximizing the fuel and oxygen carrier conversions in chemical looping processes. The mixed fl ow in the mode 1 system usually results in poor oxygen carrier conversions, which restricts itself mainly for combustion and small-scale applications. The mode 2 reducer design, highlighting the gas-solid countercurrent contact pattern, has the capability to enhance the oxygen carrier conversion and, thus, opens up a new prospect in gasifi cation application. This section analyzes the mode 2 reducer design for both gaseous and solid fuel conversion. The countercurrent oxidizer design is also illustrated. The discussion will focus on iron-based oxygen carrier particles in light of their favorable characteristics summarized previously.
Mode 2 reducer design for gaseous fuel
conversion In order to compare the maximum gas and oxygen carrier conversions using either a mode 1 design or a mode 2 design, a brief thermodynamic analysis can be performed on a fl uidized bed reducer and a countercurrent moving bed reducer. It should be noted that thermodynamic analysis predicts the gas and solid conversions when a thermodynamic equilibrium among the reactants and the products is reached. The equilibrium can be reached under the conditions when the reaction is suffi ciently fast and/ or the gas-solid contact time in the reactor is suffi ciently long. The reactions conducted in the chemical looping processes meet these criteria; therefore, the thermodynamic analyses can project the performance of the looping reactors with reasonable accuracy ). For illustration purposes, syngas is considered as the gas feedstock, and the equilibrium gas compositions of both iron-carbon-oxygen system and iron-hydrogen-oxygen system are given in Figure 16 . When the fl uidized bed is used as a reducer, the partial pressure ratio of CO 2 to CO is expected to be high throughout the reactor, giving rise to a reduced product of Fe 2 O 3 to be in the form of Fe 3 O 4 as indicated in Figure 16 . Thus, using a fl uidized bed, the extent of the conversion of Fe 2 O 3 in the reduction reaction is low. The maximum iron oxide conversion is 11.1 % when Fe 2 O 3 is fully reduced to Fe 3 O 4 in a fl uidized bed reducer. In contrast, when a countercurrent moving bed reactor is used, the partial pressure ratio of CO 2 to CO is high at the top of the reducer to ensure a full conversion of the gaseous fuel, whereas it is low at the bottom of the reducer so that the extent of the conversion of Fe 2 O 3 for the reduction reaction is high. The countercurrent gas-solid fl ow pattern could yield a reduced product for Fe 2 O 3 in the form of Fe/FeO as indicated in Figure 16 . Thus, to achieve a given extent of the fuel conversions in a reducer, a signifi cantly less amount of Fe 2 O 3 particles will be needed using a moving bed reactor than needed using a fl uidized bed. The key to achieve a high iron oxide conversion is to form a countercurrent gas-solid fl ow pattern in the reducer. Thomas et al. (2003) pointed out that such countercurrent gas-solid fl ow pattern could also be achieved in other fl ow reactors such as a multistage fl uidized bed reactor.
Thermodynamic modeling and simulation have been conducted to compare the maximum gas and solid conversions using a mode 1 design to that using a mode 2 design . A one-stage equilibrium model and a multistage equilibrium model were developed to predict the performance of a fl uidized bed reducer and a countercurrent moving bed reducer, respectively. As shown in Table 6 , under the same operating conditions, the simulation results indicate that the fl uidized bed reducer can only achieve an iron oxide conversion of 11 % , whereas the moving bed reducer can offer a conversion as high as nearly 50 % . As a result, the countercurrent moving bed reducer design could fully convert the fuel using a much lower oxygen carrier fl ow rate. The high iron oxide conversion from the moving bed reducer also gives rise to the possibility for the subsequent hydrogen production by steam oxidization in an oxidizer. To validate the modeling results, we summarized and discussed the experimental results of both the fl uidized bed reducer and the moving bed reducer in the system confi guration section.
With iron oxides as the looping particle in the reducer, the extent of both the gas and solid conversions would differ depending on the modes of multiphase reactors used. This is due to the iron oxides having more than two oxidation states. Oxygen carrier particles with similar properties that could take advantage of the countercurrent fl ow pattern in the reducer design are manganese-, cobalt-, and copper-based oxygen carrier particles. It is noted that for other metal oxide looping particles with only two oxidation states, such as NiO, the signifi cance of the reactor design is reduced, and the fuel and oxygen carrier conversions can be maximized irrespective of the reducer design.
Mode 2 reducer design for solid fuel conversion
The direct solid fuel chemical looping systems are attractive in virtue of their high energy effi ciency and potential economic impact (Fan and Li 2007 ) . The operation of the oxidizer and/or the combustor in the solid fuel chemical looping process is similar to the gaseous fuel chemical looping process. Between the processes, the key difference occurs at the reducer where the fuel and metal oxides are converted. At the reducer operating temperature, coal or biomass feedstock is 
Figure 16
Equilibrium phase diagrams of iron-carbon-oxygen system ( -) and iron-hydrogen-oxygen system (---). fi rst decomposed to volatiles and char. In order to fully utilize the chemical energy in the fuel and to generate sequestrationready CO 2 , both volatiles and coal char need to be fully oxidized in the reducer. As discussed in the previous sections, a higher conversion of the oxygen carrier is also desirable in order to reduce the solid circulation rate and to produce hydrogen in an optional oxidizer. Therefore, a well-conceived reducer design and gas-solid contacting pattern are essential. Previous work reported that iron-based oxygen carrier particles and countercurrent gas-solid fl ow patterns are useful for both gaseous and solid fuel reducer design (Thomas et al. 2003, Fan and . Figure 17 shows one of the proposed confi gurations of the moving bed design. In this confi guration, fresh Fe 2 O 3 composite particles are fed from the top of the reducer, whereas pulverized coal is pneumatically conveyed to the middle section of the reactor using CO 2 . A small amount of CO 2 or steam is also introduced at the bottom of the reducer to enhance char conversion. The coal injection port divides the reducer into two sections. The function of the upper section (stage I) is to ensure full conversion of gaseous species to CO 2 and H 2 O, whereas the lower section (stage II) is used to maximize the char and iron oxide conversions.
Because of the high reducer operating temperature, which is between 750 ° C and 1050 ° C, coal will be devolatilized in the pneumatic injection zone. The coal volatiles will move upward, along with other gases such as CO 2 , H 2 O, CO, and H 2 . Fresh iron oxide particles that enter from the top of the reducer will interact with these gases in a countercurrent manner. The countercurrent interaction between the coal volatiles and iron oxide particles ensures the complete conversion of gaseous fuels. As shown in Figure 17 , an annular region is present for the coal fl ow in the reducer around the internal hopper in stage I. The hopper is designed to allow an upward fl ow of gas through it while iron oxide solids are being discharged downward. Coal char and iron oxide particle mixing is initiated in the annular region where coal devolatization begins. The mixing of the devolatilized coal char and partially reduced iron oxide particles continues to occur as particles descend from stage I to stage II. In stage II, the ascending gaseous species, which contain mainly H 2 O, CO 2 , CO, and H 2 , will react with the descending solids. During this contact, the coal char is progressively gasifi ed by the CO 2 and H 2 O formed at the lower portion of the reducer. Provided that an adequate residence time is given, which is estimated at 30 to 90 min, coal char can be fully converted. Furthermore, the Fe 2 O 3 particles can be reduced to a mixture of metallic Fe and FeO. Coal ash will exit from the bottom of the reducer along with the reduced particles. Thus, reaction product streams from the reducer include a solid particle stream that exits from the bottom of the reducer containing Fe, FeO, and coal ash. An exhaust gas stream that exits from the top of the reducer contains mainly CO 2 and H 2 O. By condensing out the H 2 O in the exhaust gas stream, a high purity CO 2 stream can be obtained from the reducer. Reactor modeling shows that the proposed moving bed reducer could achieve an iron oxide conversion higher than 60 % while ensuring full solid fuel conversion . Figure 18 generalizes the alternative schemes for solid fuel reducer design with a countercurrent gas-solid fl ow pattern (Thomas et al. 2003, Fan and . Such a reducer could comprise two or more reaction zones. Solid fuel can be introduced in the middle section such that the upper zones handle the volatile conversion and the lower zones focus on the char/ tar conversion. The solid fl ow in each zone could be in a moving packed bed mode or a dense or dilute fl uidized bed mode. The reaction zones should be designed and operated to maintain suffi cient fuel residence time and good gas-solid mixing. The alternative design types could be a moving packed bed reactor, a countercurrent rotary kiln, a series of interconnected fl uidized bed reactors, or a series of interlinked monolithic bed structures that fl ow oxygen carrier particles countercurrently to the fl ow of a gaseous fuel or gaseous phase generated by the carbonaceous fuel. Figure 19 shows a reducer design from VUT that is, in essence, a mode 2 system (Pr ö ll and Hofbauer 2010 ). This reducer design of VUT is a modifi ed version of the mode 1 system given in Figure 11D . In this design that features the countercurrent gas-solid fl ow pattern originally demonstrated by Thomas et al. (2003) a set of ring-type fl ow obstacles are placed along with the reducer height so that the reducer is divided into several zones. Each zone retains Figure 17 Gas-solid contacting pattern of the solid fuel reducer in a moving bed design. conditions. Figure 20 compares the theoretical steam-tohydrogen conversion in a moving bed and a fl uidized bed operated at 700 ° C and 30 atm using pure iron particles. The results show that, at a given steam to iron molar fl ow rate, the moving bed results in a signifi cantly higher steam conversion. In addition to the gas-solid contacting mode, the composition of the Fe/FeO particle is also an important factor in the steam-to-hydrogen conversion in the oxidizer. Figure 21 shows the effect of iron content on the steam conversion in a countercurrent moving bed oxidizer. As can be seen from Figure 21 , the increased presence of iron in the particles can drastically improve the steam-to-hydrogen conversion. When pure FeO is used, only 26.4 % of the steam can be converted to hydrogen; however, when the particles contain more than 33 % metallic iron (by mole), the steam conversion is increased to 62.2 % . Any further increase in the iron content will not lead to a higher steam conversion because the gas composition will have already reached the equilibrium point with iron. Therefore, the reduced iron-based oxygen carrier particles from the reducer should contain at least 33.5 % iron to achieve an optimum steam-to-hydrogen conversion, which solids, intensifying the gas-solid mixing while establishing the countercurrent gas-solid fl ows. With this design, both char and volatile conversions could be enhanced. In addition, ash separation could be carried out on the basis of different size distributions between ash and oxygen carrier particles.
Mode 2 oxidizer design and operation for
hydrogen production In the CLG process, steam is sent to the oxidizer to reoxidize reduced oxygen carrier particles while producing hydrogen. Although the unconverted steam can be readily condensed, a lower steam conversion will lead to larger energy consumption for steam generation. Thus, it is essential to maximize the steam-to-hydrogen conversion. Iron-based oxygen carrier particles are the most suitable for hydrogen production because they are the only candidate with equilibrium constants between metal/metal oxides and H 2 O/ H 2 near zero. This not only ensures that hydrogen from the syngas can reduce Fe 2 O 3 to FeO/Fe but also indicates that the steam conversion to hydrogen in the oxidizer is high so that excess steam usage and its associated costs are avoided. This section evaluates the maximum extent of the steam-tohydrogen conversion under the constraint that Fe and/or FeO are fully converted to Fe 3 O 4 , through sensitivity analyses conducted based on the one-stage and/or the multistage thermodynamic equilibrium models.
Similar to the reducer, a countercurrent moving bed reactor is an effective design for the oxidizer with iron oxides as the looping media. Equilibrium models are used to assess the performance of different oxidizer designs and operation corresponds to a conversion for Fe 2 O 3 of 49.0 % or higher. Thus, the performance of the reducer and that of the oxidizer are closely related and contribute synergistically to the overall chemical looping process effi ciency. The reaction temperature also has a signifi cant effect on the steam-to-hydrogen conversion in the oxidizer. A lower reaction temperature would thermodynamically favor the exothermic reaction between steam and Fe/FeO. For instance, in the moving bed oxidizer, the reaction temperature of 500 ° C would lead to an 82.2 % steam-to-hydrogen conversion as compared with a 62.2 % conversion at 700 ° C. Furthermore, a lower operating temperature will reduce the capital cost of the oxidizer as lower cost materials can be utilized. The composite Fe 2 O 3 particles obtained through particle optimization at the Ohio State University can undergo the steam-iron reaction at 500 ° C or lower with a satisfactory reaction rate. However, the oxidizer temperature cannot be too low when considering the heat balance of the overall process. The optimization of operation conditions for each reactor and the overall process could be investigated through coupled reactor modeling and process simulation .
The given examples illustrate how to effectively design chemical looping reactors and optimize operating conditions by considering various factors such as reaction thermodynamics, particle kinetics, and gas-solid fl ow pattern and dynamics. Other important factors controlling the overall reactor system design involve the pressure balance, the gas-solid separation device, and the fl ow control valve. Both mode 1 and mode 2 system designs have been discussed in detail. Fluidized bed reactors inherently possess excellent gas and solid mixing characteristics, which can enhance the reaction kinetics and heat transfer. However, the signifi cant back mixing and gas channeling within the fl uidized bed reactors have negative effects on both the fuel and oxygen carrier conversions.
The low conversions give rise to a high oxygen carrier particle fl ux, which is a major challenge to the CFB-based CLC system design and operation. In contrast, moving bed reactors with gas-solid countercurrent operation can achieve high conversions for both the fuel and oxygen carrier particles. In such reactors, the use of iron-based oxygen carrier particles also promotes the possibility for hydrogen production in a CLG process. In addition, moving bed reactors offer minimal mechanical attrition, and they are easy to scale up. The heat transfer issue in a typical moving bed reactor design could be resolved by controlling the particle reaction kinetics and the overall system heat balance. The following section reviews several chemical looping systems and some of the test results, including both mode 1 and mode 2 chemical looping systems.
Type I system confi gurations and test results
The chemical looping system varies in different confi gurations according to the diversity of its applications. For example, CLC only requires the reduced metal oxide to be oxidized in one step by air in the combustor, whereas CLG requires the regeneration to be completed in two steps. Such differences in system confi gurations could result in signifi cant changes for the design and operation of chemical looping reactors. This section presents the confi gurations and operational results of a number of pilot/sub-pilot scale chemical looping systems using gaseous or solid fuels.
3.3.1. Chemical looping system using mode 1 design Signifi cant development in CLC has taken place over the past decade. The testing scale has been evolving from laboratory scale toward pilot scale with increasing numbers of oxygen carrier particles and fuels investigated. The existing sub-pilot scale CLC testing units for gaseous fuel conversion include the Chalmers University 10-kW th CLC system (Lyngfelt and Thunman 2005 ) , the Instituto de Carboquimica (CSIC) 10-kW th CLC system (de Diego et al. 2007 ) , the Korea Institute of Energy Research (KIER) 50-kW th CLC system (Ryu et al. 2005 ) , the VUT 120-kW th CLC system ,b , Pr ö ll et al. 2009c , and the Institut Fran ç ais de P é trole (IFP)-total 10-kW th CLC system (Hoteit et al. 2011 ) . For solid fuel CLC system, 10-kW th scale units have been operated at both Chalmers University (Berguerand and Lyngfelt 2008a,b ) and Southeast University (Shen et al. 2009a -c) , and a 1-MW th pilot unit will be tested by Alstom (USA) ( B é al et al. 2010 ) . IFP-Total has also conducted the liquid fuel CLC test (Hoteit et al. 2010 ). All the above systems are based on the interconnected fl uidized bed reactor design. This section focuses on the 10-kW th CLC reactor design and the operational results from the Chalmers University gaseous and solid fuel system and the Southeast University solid fuel system. Two variations of the mode 1 system, the dual CFB (DCFB) and the CLR system, are also briefl y discussed.
Chalmers University 10-kW th CLC system
Chalmers University of Technology designed and constructed a 10-kW th dual fl uidized bed CLC system to validate the feasibility of the CLC process and to evaluate the performance of their oxygen carriers under looping operating conditions. The schematic diagram of their gaseous fuel system is given in Figure 11C . The interconnected fl uidized bed CLC system is composed of a reducer, combustor (air reactor), riser, cyclone, and two loop seals. This system was designed to use gaseous fuels such as natural gas. The oxygen carrier oxidizes the fuel in the reducer, generating CO 2 and H 2 O. The reduced oxygen carrier then enters the fi rst loop seal where the carrier particles move to the combustor. The loop seal prevents the leakage of gaseous fuels and air to the combustor and the reducer, respectively. The preheated air supply to the combustor regenerates the reduced oxygen carrier exothermally and conveys the oxygen carriers through the riser to the cyclone. The cyclone separates regenerated oxygen carriers from the spent air. The carriers are then recycled to a second loop seal, thus preventing the spent air from being entrained to the reducer. This complete loop results in a CO 2 -rich stream from the reducer after steam condensation and a hot spent air stream from the cyclone. The reducer, a bubbling fl uidized bed (BFB), is where the fuel is converted using the oxygen from the oxygen carrier. The size of the reducer is determined from information as the terminal settling velocity ( U t ), the minimum fl uidization velocity ( U mf ), the solid fl ux, and the gas volumetric fl ow rate. The cross-sectional area of the reducer increases with the reducer height with a maximum diameter of 0.25 m to accommodate the gas volume increase because of the combustion of natural gas. The reactor height is 0.35 m with the freeboard height designed at about twice the dense bed height. The fl uidization gas velocity in the reducer ranges from 5 U mf to 15 U mf and is always higher than 0.25 U t . Although it is required in a commercial CLC system, a separator that separates particles from the gaseous product of the reducer is not installed in the present setup.
Reduced oxygen carrier particles obtained from the reducer are regenerated and conveyed in a combustor and a riser operated in the bubbling or turbulent and dilute or dense transport fl uidization conditions, respectively. The combustor is where the oxidation of the particles using preheated air occurs. Given a large airfl ow requirement, a large combustor, 0.14 m in diameter, was chosen so that a desired fl uidization regime can be established. The height of the combustor is infl uenced by the particle reactivity, reaction time, and the need for cooling. On the top of the combustor is a conical section that serves as a transition area from the combustor to the riser. The riser diameter (0.072 m) nearly halves that of the combustor to achieve a high air velocity for transporting oxygen carrier particles to the reducer. This design, combining the combustor and the riser, avoids a secondary air injection system.
The Chalmers University 10-kW th unit was continuously operated for multiple days using various oxygen carrier particles. Lyngfelt and Thunman (2005) used nickel particles (produced by freeze granulation) to carry out a high conversion of fuel for 100 h. The gaseous product stream from the reducer contained 0.5 % CO, 1 % H 2 , and 0.1 % CH 4 , giving a heating-value-based fuel conversion effi ciency of 99.5 % . It was also observed that above 790 ° C, the CO concentration increased with temperature and was similar to that obtained from equilibrium considerations. Lyngfelt and Thunman (2005) also used iron-based particles as the oxygen carrier for an operating time of 17 h and found that the CO and CH 4 concentrations were in the range of 2 % to 8 % . In these tests, N 2 was utilized to fl uidize the loop seals, resulting in the dilution of CO 2 . In the commercial system, steam would be used in the loop seals to avoid such dilution. Johansson et al. (2006b) investigated the oxidation extent of elutriated samples of the nickel particle and found that they were not completely oxidized. Post-experiment investigations on the oxygen carrier revealed that the reactivity of the particles was maintained.
The leakage of gas from the combustor to the reducer or vice versa will result in dilution of the CO 2 yield or loss in carbon capture, respectively. The gas leakage to the combustor can be monitored by observing the concentration of CO 2 in the cyclone outlet. Lyngfelt and Thunman (2005) and Linderholm et al. (2008) did not detect signifi cant CO 2 at the cyclone outlet. The absence of CO 2 from the combustor also indicated that carbon deposition was not signifi cant because the carryover of the deposited carbon from the reducer to the combustor would also result in CO 2 formation. A direct carbon deposition test was performed by Linderholm et al. (2008) . In this test, air was introduced to the reducer after CLC operation and N 2 purging. By measuring the amount of CO 2 produced after air injection, the amount of deposited carbon was estimated. Several grams of carbon were deposited after 8 h of continuous operation, but this amount is much lower than the amount of carbon converted, which corresponded to 9 g of carbon per minute.
Attrition and agglomeration directly affect the extent of particle replacement and particle fl ow during CLC operation. When considering the attrition from the collection of particles smaller than 45 μ m, Lyngfelt and Thunman (2005) calculated the attrition rate for nickel-based oxygen carrier (produced by freeze granulation) to be 0.0023 % per hour. This corresponded to an approximated particle lifetime of 40,000 h. Based on the given considerations, they estimated the cost of the particles as $5.2/kg (4 € /kg) and would require a solid inventory in the system of 100 to 200 kg/MW th . Linderholm et al. (2008) investigated the attrition for another nickel-based oxygen carrier (produced by spin fl ash drying) and found that it was 0.022 % per hour. This corresponded to an approximated particle lifetime of 4500 h. Linderholm et al. estimated the required circulation rate to maintain adiabatic operation at a large scale to be 4 kg/s · MW th , assuming a difference in mass conversion ( Δ ω ) of 0.2. Linderholm et al. also performed substoichiometric runs that resulted in extensive agglomeration of the particles. The reason was associated with the excess conversion of the metal oxide to the metal. The agglomerates were a few centimeters in size, which caused defl uidization in the bed.
After Chalmers University operated the 10 kW th unit with gaseous fuel, they modifi ed the unit, especially the reducer, for solid fuel handling. The solid fuel reducer consists of three chambers, e.g., a low-velocity chamber for fuel volatilization and conversion, a high-velocity chamber for solid recirculation, and a carbon stripper chamber to recover the unconverted fuel from the oxygen carrier particles before transport to the combustor. Various types of solid fuels, including coal and petroleum coke, were tested in the unit (Berguerand and Lyngfelt 2008a ,b, 2009 , Berguerand et al. 2011 , Jerndal et al. 2011 . It was found that operation temperatures greatly affect the solid fuel conversion because of the slow char gasifi cation rates. Low cost oxygen carriers were better suited for solid fuel CLC because of the higher pollutant presence. The performance of natural ilmenite appeared suitable for solid fuel combustion. However, long-term stability tests are necessary to assess the oxygen carrier performance of ilmenite. The solid fuel conversion, defi ned by the fuel conversion in both the reducer and the combustor, varied from 50 % to 80 % for South African coal. The low conversion was attributed to a low effi ciency of the cyclone used in the carbon stripper system. Modifi cations to the carbon stripper system were made before testing with petroleum coke as the fuel. Around 70 % conversion of petroleum coke was observed. The low fuel conversion was attributed to the low reactivity of the fuel and the unsatisfactory performance of the modifi ed carbon stripper cyclone. In the tests, the CO 2 concentration in the reducer exhaust ranges from 70 % to 80 % (dry basis). In addition, a notable amount of carbon was carried over to the combustor. As a result, the combustor exhaust gas contains a considerable amount of CO 2 .
Southeast University 10-kW th solid fuel CLC
system The objective of the solid-fuel testing in a 10-kW th unit at Southeast University in China was to examine the spouted bed reducer design, the effect of the reducer temperature, and the fuel impurities on the continuous operation of the CLC unit. The reactor assembly is composed of interconnected fl uidized beds for performing the continuous operation of the CLC unit. The CLC unit includes the reducer, the combustor, and the cyclone. The reducer is made up of a two-chambered rectangular spouted bed. The main chamber, the reaction chamber, is where the fuel conversion and oxygen carrier reduction reaction take place. The minor chamber, the inner seal, serves to facilitate the fl ow of reduced oxygen carriers to the combustor via an overfl ow pipe. The bottom of the conical section in the reducer is where the recycled CO 2 or CO 2 /steam and solid fuel are introduced to the reactor using the screw feeder. The combustor is a cylindrical highvelocity riser with a perforated plate at the bottom acting as the air distributor. The solids enter the combustor from the reducer and are carried to the top of the riser, and are then separated by the cyclone. The oxidized solid carriers return to the reducer to complete the loop.
Experiments using two different solid fuels, coal and biomass, were performed using several oxygen carriers for a cumulative operating time of 130 and 30 h, respectively (Shen et al. 2009a -c) . Two types of nickel oxide-based oxygen carriers were tested with coal as the fuel. The high reactivity and thermal stability of nickel were deemed desirable to effectively convert fuels with higher fi xed carbon content such as coal. A combined coal CLC operation of 30 and 100 h were carried out using nickel-based oxygen carriers synthesized by impregnation (type A) (Shen et al. 2009b ) and coprecipitation (type B) (Shen et al. 2009a ) methods, respectively. An iron-based oxygen carrier (type C) was used to convert biomass whose fi xed carbon content is relatively low (Shen et al. 2009c ) . Iron-based oxygen carriers were selected due to their favorable thermodynamic properties and low cost. A total of 30 h of continuous operation was conducted in the 10-kW th unit. During this test, iron oxide powders without any support material were used to convert pine sawdust.
The CO 2 capture effi ciency was observed to rise with an increase in the reducer temperature and reached a plateau at 80 % and 960 ° C for type A particles tested using coal (Shen et al. 2009b ). The bypassing of gases and the residual char transported from the reducer to the combustor constrained the attainment of a higher effi ciency. Improved inner seal design and improved particle reactivity are among the possible solutions in achieving higher CO 2 capture effi ciencies. Similar trends were also observed for type B particles tested using coal (Shen et al. 2009a ) . Type B particles were operated in the 10-kW th unit for 100 h using coal as the fuel. Signifi cant deterioration in oxygen carrier performance was observed during this operation. The deterioration in performance was refl ected indirectly by the decrease in the CO 2 concentration at the reducer outlet from 93.42 % to 81.04 % . These studies indicated that the sintering of the oxygen carrier particles was the major reason for performance degradation. The most significant sintering effects were observed in the high-temperature exothermic oxidation of type B particles in the combustor. The utilization of a higher steam-to-CO 2 ratio in the reducer gas inlet improved the performance of the particles. Sintering effects were also observed in type C particles (Shen et al. 2009c ) . The overall solid inventories used in the experiments correspond to about 1330.65 kg/MW th for coal and about 995 kg/MW th for biomass. The experimental results indicate that such solid inventories are not adequate for effective fuel conversion and CO 2 capture. Improved inner seal design and longer durations of stable continuous operations are desirable.
3.3.1.3. VUT 120-kWth CLC system design A 120-kW th DCFB system was designed and constructed at the VUT in Austria to study the CLC process ,b , Pr ö ll et al. 2009c ). The schematic diagram of the DCFB system is given in Figure 11D . The fundamental characteristics of the VUT DCFB system and the systems developed by Chalmers University are similar. However, the fl uidization regimes, either bubbling or turbulent, under which the reducer is operated, are different. As the operating gas velocities for the bubbling and turbulent fl uidized beds are different, it gives rise to different gas-solid contact effi ciencies between these fl uidized beds. Hence, different reactant conversions and different cross-sectional areas are required for a reactor of a given volumetric gas fl ow rate.
As can be seen from Figure 11D , the DCFB system consists of mainly a reducer (fuel reactor), a combustor (air reactor), an upper loop seal, a lower loop seal, an internal loop seal, and two cyclones. The system forms two particle circulation loops: the global particle circulation loop and the local particle circulation loop. The global particle circulation loop encompasses the reducer and the combustor connected with the combustor cyclone, upper loop seal, and lower loop seal. The local particles circulation loop encompasses the reducer, the reducer cyclone, and the internal loop seal. The combustor is operated at the dilute or dense transport regime, and the reducer is operated at near the turbulent regime. The fl uidization agents for the reducer and the combustor are gaseous fuel and air, respectively. Gaseous fuel is injected at the bottom of the reducer, and air is injected at both the bottom (the primary air inlet) and the middle portion (the secondary air inlet) of the combustor. The staged injection of air enables effective control over the combustor particles entrainment rate, which is equal to the global solid circulation rate. At a fi xed overall air injection rate, a larger primary air injection rate leads to a higher global solid circulation rate and vice versa. Because it is compatible with both the combustor and the reducer, steam is used as the fl uidization gas in all the loop seals. The operational results of the DCFB system can be found in literature since 2009 (Bolh à r-Nordenkampf et al. 2009 ,b , Pr ö ll et al. 2009b and are not discussed here.
CLR system
Two CLR schemes have been proposed for natural gas conversion to syngas, which is an important intermediate product for hydrogen production or other chemical synthesis. Ryden and Lyngfelt (2006) integrated the CLC system with the SMR system. In this process, CLC system provides heat to the SMR system via a shell and tube reactor design that integrates the reducer and reformer together. Ortiz et al. (2010) proposed another CLR process, i.e., the so-called autothermal CLR (a-CLR) process, which is discussed hereafter.
As shown in Figure 22 , the a-CLR system is similar to a conventional CLC system, which consists of the reducer and the combustor. The difference between a-CLR and CLC process lies in the oxidation extent in the reducer. In the a-CLR reducer, methane is not fully oxidized to CO 2 and H 2 O. Instead, the oxygen carrier particles only provide oxygen for partial oxidation of methane to CO and H 2 . Nickel-based oxygen carrier particles are usually used in the a-CLR process because of its high selectivity toward syngas. The syngas from the reducer is fi rst mixed with steam and then routed to the WGS reactor for hydrogen production. The resulting gas contains a signifi cant amount of CO 2 and, thus, requires further treatments such as acid gas removal and pressure swing adsorption. Compared with the traditional SMR process, the heat supply from external combustion is avoided in the a-CLR process. The looping particles carry both oxygen and heat to the reducer for the natural gas reforming. Process analysis indicates that the a-CLR process could result in higher hydrogen yield than the yield from the natural gas reforming process. However, the a-CLR system does not take advantage of its inherent CO 2 separation capability, and it still requires conventional technologies for hydrogen purifi cation and CO 2 capture.
3.3.2. CLG using mode 2 design For type I, mode 2 CLG system, iron-based oxygen carrier particles have been extensively investigated in processes such as the syngas chemical looping (SCL) process (Velazquez-Vargas et al. 2004 , Gupta et al. 2007a ,b , Li et al. 2010b , the Eni S.p.A. one-step decarbonization process (Chiesa et al. 2007 ) , and the coal direct chemical looping (CDCL) process . Apart from the iron-based oxygen carrier, the Alstom hybrid combustion-gasifi cation utilizes CaS/CaSO 4 as the oxygen carrier particles together with CaO/CaCO 3 as CO 2 sorbents to convert coal into hydrogen (Andrus et al. 2006 ) . This section discusses the CLG process confi gurations and the testing results from the bench and sub-pilot scale SCL system and CDCL system. Figure  23 shows a simplifi ed process fl ow diagram of the SCL process, which cogenerates hydrogen and electricity from coal-derived syngas via cyclic reduction and oxidation of specially tailored iron oxide composite particles (VelazquezVargas et al. 2004 , Gupta et al. 2007a . The SCL process adopts the countercurrent moving bed reactor design for both the reducer and the oxidizer, where a concentrated carbon dioxide stream and a pure hydrogen stream are produced separately. The high-temperature fl ue gas from the combustor can be used for electricity generation. The SCL system has been successfully demonstrated at both bench scale and subpilot scale levels.
The Ohio State University SCL system
Extensive proof-of-concept bench scale tests have been conducted in a 2.5-kW th moving bed reactor setup for more than 100 h ). The bench scale system can be operated as either the reducer or the oxidizer in a semicontinuous mode. In a typical test, the oxygen carrier particle, either in its oxidized or reduced form, was introduced from the top. The particle was then steadily moved downward through the heated zone where it reacts with the updraft reactant gas. In the reducer operation mode, the simulated syngas conversion achieved is above 99.9 % . At the same time, Fe 2 O 3 was reduced to a mixture of FeO and Fe with a conversion close to 50 % . The reducer performance was consistent with the numerical simulation results based on a multistage equilibrium model ). The reduced particles were collected and used as feedstock for the oxidizer operation, in which an average hydrogen product purity of 99.95 % was achieved. The operational results prove that a countercurrent moving bed reactor design is favorable for CLG application. Based on the successful bench scale testing, an integrated 25-kW th sub-pilot-scale SCL system was designed and constructed. As shown in Figure 24 , the reactor system is capable of performing the operations of the reducer, the oxidizer, and the combustor in a simultaneous and continuous manner. Moreover, the arrangement of the reactor system is identical to that described in Figure 24 . The reducer (7.6-cm ID, 91.4 cm in height) and the oxidizer (7.6-cm ID, 91.4 cm in height) are scaled-up versions of the bench unit. A rotary solid feeder together with a mechanical valve system was fi rst used to transport the reduced oxygen carrier discharged from the reducer to the oxidizer inlet. Such design has been modifi ed and replaced by a nonmechanical solid fl ow valve system in recent tests. The partially regenerated oxygen carrier from the oxidizer is then introduced to the combustor, pneumatically conveyed to the top cyclone, and then carried down to the reducer inlet, thereby completing the solid cycle.
The sub-pilot scale unit operation time has accumulated to almost 300 h. A number of test campaigns have been completed with various oxygen carrier particles and operating conditions. For the fi rst several runs, the sub-pilot unit achieved more than 99 % syngas conversion from the reducer and 93 % to 99 % hydrogen purity from the oxidizer. The low hydrogen purity was due to the carbon deposition from the Boudouard reaction, which was catalyzed by the reduced iron oxide particle at a low-temperature zone in the reducer gas inlet. A syngas preheating unit was installed for the subpilot system to prevent carbon deposition, and consequently, no signifi cant carbon deposition was observed. In order to further improve the reactor design and optimize the operation condition, continuous efforts have been involved in the investigation of the system pressure balance, gas-solid separation, and nonmechanical solid fl ow control. After a series of improvements incorporated in the SCL sub-pilot unit, a longterm demonstration was performed. Iron-based oxygen carrier particles with an average diameter of 2 mm were used for this test. The total operation time was 56 h, with 51 h under reactive conditions. The entire run maintained a smooth solid fl ow and steady pressure profi le across the reactor column. Figures  25 and 26 illustrate the reducer and oxidizer outlet gas profi le during the syngas conversion testing, respectively. The results show that both CO 2 and H 2 purity were above 99 % during the long-term run. The attainment of satisfactory results from the sub-pilot unit demonstrated the operability and controllability of the SCL system as well as the performance of the current working particles.
A 250-kW th scale SCL system is currently being designed under the sponsorship of the Advanced Research Projects Agency-Energy (ARPA-E) of the US Department of Energy. The sub-pilot scale system provides important information for the pilot plant design and operation. A full-size cold fl ow model has been designed, constructed, and tested to investigate the hydrodynamics and robustness of the system. The front end engineering and design has been completed, and the detailed piping and instrumentation diagram is progressing. The pilot scale SCL unit will be constructed at the National Carbon Capture Center in 2012 and integrated with an air-blown gasifi er for complete SCL process demonstration in 2013. Figure  27 shows a process fl ow diagram for the CDCL process that can effi ciently convert coal to hydrogen and/or electricity. In comparison with gaseous fuel looping processes, the CDCL process directly converts coal in the reducer, eliminating the need for the gasifi er and air separation unit. Thus, the coal conversion scheme is drastically simplifi ed. As discussed in the previous section, a moving bed reducer design is adopted in the CDCL process, where the upper section (stage I) conducts coal volatile conversion and the lower section (stage II) performs char gasifi cation. Both stages have been tested in a bench scale moving bed reactor, and the representative results are discussed hereafter. The bench scale moving bed for reducer stage I testing follows a similar setup for the SCL testing (Gupta et al. 2007a,b ) . Iron oxide is active in cracking coal volatiles into methane (Simell et al. 1992 ) , which is the most stable hydrocarbon formed from the cracking of coal volatiles at up to 1030 ° C (Gueret et al. 1997 ) . Therefore, if the upper section of the reducer can fully convert methane to CO 2 and steam using the Fe 2 O 3 composite particle, other light hydrocarbons can also be fully converted. Figure 28 shows the methane and iron oxides conversion profi les under steady-state operation. It is seen that over 99.8 % of the methane is converted to CO 2 and H 2 O, and the Fe 2 O 3 particles are reduced by 49 % . The results refl ect that iron oxide composite particles are capable of close-to-fully oxidizing coal volatiles into CO 2 and H 2 O in stage I.
The Ohio State University CDCL system
The bench scale moving bed reactor was modifi ed to incorporate solid fuel feeding in order to carry out the stage II test. The solid feeding system was modifi ed in order to minimize the segregation between the coarse oxygen carrier particles and the pulverized char powder. In this design, a mixture of oxygen carrier particles and solid fuel was introduced via a Y-shaped pipe. A ball valve was put on the side pipe to isolate the gas from the environment. A quartz window was added between the solid inlet and reducer so that the bed height can be monitored. No heating elements were applied to the modifi ed section to avoid char agglomeration and devolatilization before the reaction zone. During the experiment, the bottom screw continuously conveyed the solids from the reactor into a funnel below the screw feeder at a pre-calibrated rotational speed. Meanwhile, the 
Figure 28
Reduction of Fe 2 O 3 composite particles in a bench unit using methane as the reducing gas.
enhancing gas was introduced from the bottom together with N 2 . When the solid level was observed lower than the window section, the enhancing gas fl ow was stopped. Then the ball valve was opened, and the feed pipe was inserted into the side pipe to introduce a batch of solid reactants into the reactor. After the solid make-up, the feed pipe was removed, and the ball valve was closed. Thus, the solid feeding operations were in batch mode and repeated until the end of the experiment.
More than 100 test hours have been accumulated for char conversion in the modifi ed bench unit. During testing, the solid residence time in the bed was 50 to 100 min, and char gasifi cation enhancers such as H 2 O or CO 2 were present. A general concentration profi le of the different ports in the reactor is shown in Figure 29 . This is a concentration profi le for a run with CO 2 as the enhancing gas. Char conversion increases steadily from the bottom of the reactor to the top, as the CO 2 concentration rises and the nitrogen concentration drops. The carbon monoxide concentration is greatest near the midsection of the reactor. The solid carbon char reacts with CO 2 to produce CO according to the reverse Boudouard reaction. The corresponding carbon monoxide reacts with the solid Fe 2 O 3 higher up in the reactor to produce carbon dioxide, Fe 3 O 4 , and FeO, which explains the decrease in carbon monoxide fl ow higher up in the reactor. The oxidation of coal chars obtained from bituminous coal using the composite particles yielded over 95 % fuel conversion. Such conversions are signifi cantly higher than those reported from the fl uidized bed-based reducers (Shen et al. 2009a -c) .
The results also validated the performance of the oxygen carrier particle at the bench scale. The XRD analysis of the composite particles obtained after the reducer testing revealed the formation of Fe 0.877 S, which was consistent with the thermodynamic analysis. The studies on the effects of sulfur and ash indicate that the reactivity of the oxygen carrier particles was maintained. Because the composite Fe 2 O 3 particles were signifi cantly larger than coal powders, coal ash was readily separated from the Fe 2 O 3 particles based on the size difference. The oxygen carrier particle conversion from the bottom of the reducer varied between 30 % and 40 % , which was higher than those obtained from the mode 1 reducer operation.
Further optimization of design and operating conditions such as char reaction enhancer fl ow rate, operating temperature, and gas and solid contact time can improve the reducer performance. Besides the extensive studies on both stages I and II reducer testing, a number of cold model studies have been conducted to understand the solid fl ow dynamics in the moving bed reactor. A complete reducer design has been obtained based on those operational results and will be tested in a sub-pilot scale unit. The sub-pilot unit is also designed to investigate the integral performance of the CDCL system. Detailed techno-economic studies will be carried out using the testing data from the sub-pilot scale CDCL system.
Type II looping reactor design and system confi guration
Type II systems describe calcium looping for CO 2 capture from fl ue gas produced from carbonaceous material combustion or from syngas produced via gasifi cation (Blamey et al. 2010 , Fan 2010 . In the latter, the CO 2 capture helps drive the equilibrium-limited WGS reaction enhancing hydrogen production either in the presence or absence of WGS catalyst Fan 2010 , Ramkumar et al. 2011 ) . Work by several researchers has employed a similar sorption-enhanced technique for enhancing H 2 production through hydrocarbon reforming, where the CO 2 capture by CaO drives both reforming and WGS reactions in the forward direction (Brun -Tsekhovoi et al. 1988 , Balasubramaniam et al. 1999 , Johnsen et al. 2006 ). For both post-and pre-combustion CO 2 capture, the calcium looping system involves two reactions -carbonation and calcination; intermediate hydration may be performed to sustain sorbent reactivity over multiple cycles.
The carbonation of CaO has two distinct regimes -kinetically controlled and diffusion limited (Bhatia and Perlmutter 1983 ) . The CO 2 uptake by the sorbent in the kinetically controlled regime is very rapid, followed by a slow rate of reaction in the diffusion-limited regime, because the CO 2 has to penetrate through the product CaCO 3 layer to reach the unreacted CaO core. The carbonator is usually designed to operate in the fi rst regime where the reaction time is in the order of seconds. Fluidized bed reactors are most commonly employed for carbonation because they offer good gas-solid contact and heat transfer. A system consisting of twin fl uidized bed reactors was fi rst proposed by Shimizu et al. (1999) . Since then, the carbonation reaction has been investigated in CFBs (Abanades 2009 , Abanades et al. 2009 , Charitos et al. 2010 , BFBs (Lu et al. 2008a ) , and entrained fl ow risers (Wang et al. 2010b ).
For the calcination reaction, the overall kinetics depends on several variables including particle size, temperature, gaseous atmosphere, and gas-solid contact behavior. To obtain a high-purity CO 2 stream that can be sequestered, the calciner must operate in an oxy-combustion mode. Circulating fl uidized bed combustion (CFBC) systems have been investigated for the calcination of the CaCO 3 resulting from the carbonator (Hughes et al. 2005 , Abanades et al. 2009 ). The CFBC calciner is usually oxy-fuel fi red using the re-circulated fl ue gas to maintain suitable operating temperatures and concentrate the product CO 2 to the desired purity. Generally, CFBC calciners are direct fi red using coal or natural gas. Rotary calciners, which are commercially available for limestone calcination, have also been tested in calcium-based CO 2 capture systems (Wang et al. 2010b ) . Although calcination in fl uidized bed calciners can occur in seconds to a few minutes, rotary calciners employ much larger residence times. Another type of calciner is the fl ash calciner, which has been developed for calcination of limestone fi nes. Flash calciners have been in commercial production since the 1970s and are designed for the calcination of fi ne CaCO 3 powder to produce CaO that would be highly reactive (Dorman 1978 , Lawall 1978 . In addition, a fl ash calciner operates with a residence time of seconds with conversions greater than 90 % . It is expected that an oxy-fuel fi red fl ash calciner will be suitable for CO 2 capture systems that utilize fi ne calcium particles. They offer a distinct advantage of reducing the overall carbonation-calcination cycle time.
Commercially, lime hydration is carried out using water in stirred tanks. Excess water is used to absorb the heat released from the CaO-water reaction, which is highly exothermic. Although low-temperature hydration is known to produce a very reactive sorbent for CO 2 capture, it is not expected to be suitable for integration into a high-temperature process because of the high energy penalty that it would impose. A hydrator that utilizes superheated steam will be more suitable (Fan and Li 2008 , Wang et al. 2011 ) . The heat of hydration from such a hydrator will be available at high temperatures, and this high-quality heat can be utilized in a steam turbine cycle for energy production. Such a hydrator has not been designed or operated at a larger scale; however, mechanically agitated fl uidized beds can potentially be one confi guration Y. Wang et al. (Personnel Communication ) . These reactors are similar to conventional fl uidized beds. They have additional internals such as mixers that provide good gas-solid mixing and heat transfer. There has been only one large-scale demonstration that has used the carbonation-calcination-hydration cycle for CO 2 capture (Wang et al. 2010b ) .
A system of two interconnected CFB reactors has been operated by Instituto Nacional del Carbón (INCAR)-CSIC in Spain (Abanades et al. 2009 ). Both CFB risers are connected to high-effi ciency cyclones, and the solid transfer between the two reactors is facilitated through BFB loop seals. The calciner is air fi red and operated at typical combustion conditions. The reactor system at CANMET Energy and Technology Center in Canada is also a dual fl uidized bed system (Hughes et al. 2005 ) . However, in this system, the carbonator is operated as a BFB and is divided into two 
Figure 31
Interconnected bubbling fl uidized bed (BFB) reactor system for calcium sorbent based CO 2 capture (Kunii and Levenspiel 1991) stages to enable independent combustion/sulfation and carbonation. Figures 30 and 31 provide a general schematic of these reactor confi gurations (Kunii and Levenspiel 1991 ) . Figure 32 shows the system designed and operated at the Ohio State University, which has a duct injection-type carbonator that is operated in an entrained fl ow mode (Wang et al. 2010b ). The setup also includes an electrically heated rotary calciner. The hydrator, given in Figure 33 , is a unique feature of this system, where the calcium sorbent is reactivated for improved multicyclic performance. Pilot testing is the next key step toward the industrialization of the chemical looping technology for both type I and type II looping systems. Table 7 lists the current pilot plant projects (ARPA -E 2010 , Strohle et al. 2010 , Dean et al. 2011 . These pilot scale experimentations are essential to collect basic data for the design, operation, and techno-economic analysis of commercial scale chemical looping processes.
Conclusions
Considerable efforts have been devoted to the development of chemical looping technology in recent years because of this technology ' s unique ability in separating CO 2 with a minimum energy requirement via better reaction path design and in achieving high exergy conversion effi ciency through reactive solid particle looping during the processing of fossil fuels. Processes employing the chemical looping concept for combustion and gasifi cation applications have been tested at sub-pilot levels and designed and constructed at ∼ MW th levels. The specifi c performances of these processes are closely related to a number of design variables such as particle formulation and synthesis, reactor confi guration, and system integration. This perspective article highlights two issues that are key to the successful development of chemical looping processes including particle characterization and reactor engineering. The ionic diffusion mechanism underlining high-temperature gassolid reactions that take place in these reactive systems is also extensively illustrated.
The development of an ideal looping medium requires thorough consideration of many intertwining factors, including thermodynamic properties of the particle, reaction kinetics, cost, recyclability, physical strength, ease in heat integration, resistance to contaminants, and environmental and health effects. For the type I looping system, the system is characterized by metal-metal oxide reduction-oxidation reactions. Four metals, namely, Ni, Cu, Mn, and Fe, have been considered as the primary active metals that can be embedded onto an inert solid support to participate in the reduction and oxidation reactions. Among these metals, nickel-based particles exhibit superior thermal stability and reactivity with gaseous fuels, but they are costly. Copper-based particles also possess good reactivity and are useful in oxygen uncoupling reactions. Copper, however, has a high tendency to sinter and agglomerate. Iron-based particles are cheap and are suitable for hydrogen production, but iron ' s reactivity with gaseous fuels is relatively low. The understanding of these looping particles is mostly limited to the macroscopic properties. More fundamental studies of the reaction mechanism based on marker experiments and DFT calculations reveal the signifi cance of ionic diffusion patterns enhanced by support materials.
The type II looping system is characterized by metal oxidemetal carbonate CCRs. Calcium oxide or calcium hydroxide is a typical metal oxide sorbent widely used due to its favorable thermodynamic properties and low cost. However, the nature of the morphological variation caused by sintering for calcium oxide/calcium carbonate during the reactions could pose a severe limitation for sorbent recyclability in looping applications. Much attention has been placed on sustaining and/or retaining the sorbent reactivity through sorbent modifi cations and/or reactivation. General methods consist of the modifi cation of precursors, the addition of dopants and/or supports, and the reactivation through steam/water hydration. Among them, incorporation of hydration as a sorbent reactivation step can completely reverse the effects of Figure 32 120-kW th reactor system for the carbonation-calcination reaction (CCR) process demonstration at the Ohio State University (Wang et al. 2010b ). (Wang et al. 2011b) . sintering and, thus, maintain sorbent reactivity over multiple cycles. Further investigations on the fundamental properties of particle sintering and the reaction mechanism indicate varied thermal-and reaction-induced sintering effects and ionic diffusion mechanisms in carbonation and calcination reactions. Processes for type I chemical looping reactions are characterized by solid circulatory systems that resemble well-known CFB operations for coal combustion or FCC applications. There, however, exists an additional unit, the reducer, in the chemical looping system that generally distinguishes it from the CFB system. In the chemical looping system, there are two fundamentally different gas-solid contact patterns based on the reactor design of the reducer that can further classify the type I reactor systems into two modes. The fi rst contact pattern, denoted as mode 1, is characterized by fl uidized beds conducted in the bubbling or turbulent regime, spouted beds, or any other types of mixed beds. The second contact pattern, denoted as mode 2, is characterized by gas-solid countercurrent moving/dense beds or gas-solid countercurrent fl uidized beds in series. The mode of operation employed overwhelmingly affects the type of reaction products generated and the oxygen carrier conversion achieved from the chemical looping reactions. Furthermore, the mode of operation selected for a process system dictates the solid fl ux requirement to achieve a given process operating capacity and, hence, the scalability of the processes for large-scale commercial usage. Mode 1 is currently used mainly for CLC, whereas mode 2 is used for both CLC and gasifi cation. Both modes of operation can use gaseous, liquid, or solid fuels. There is currently no valid patent on mode 1 process confi guration. On the other hand, the patent by Thomas et al. (2003) is the earliest valid representation for mode 2. A number of large-scale mode 1 system tests have been conducted, indicating the feasibility of CLC. The recent demonstration of the mode 2 system at 25-kW th sub-pilot unit using syngas and methane with over 300 h of operating time yielded 99.9 % purity of CO 2 and 99.9 % purity of H 2 . Such a high purity of yield for both CO 2 and H 2 indicates, for the fi rst time, that the chemical looping process can provide a realistic engineering means for pure hydrogen generation. Considerable current attention has been placed on the CLC technology development using solid fuels.
The type II systems involve mainly two reactors, e.g., carbonator and calciner, which carry out carbonation and calcination reactions, respectively. The hydrator is also employed following the calciner in the process confi guration. The carbonator can be used to capture CO 2 from the combustion fl ue gas stream or can be used to introduce metal oxides to alter the WGS reaction in the process of producing hydrogen. Therefore, the design of the carbonator depends on its applications. Various designs of the carbonator including CFBs, entrained beds, and dense fl uidized beds are adopted. Fluidized beds and rotary kiln are used as calciners, whereas fl uidized beds or agitated vessels are also used as hydrators. His main research interest lies in reaction mechanism study and particle development of chemical looping system. Deepak Sridhar is a PhD candidate at The Ohio State University working on iron based chemical looping technologies. He has been involved with the development of the syngas chemical looping process for 5 years, primarily focusing on the sub-pilot demonstration and oxygen carrier optimization. He has co-authored multiple chapters in the book titled "Chemical Looping Systems for Fossil Energy Conversions" by Dr. Liang-Shih Fan and is an inventor in 2 provisional patents fi eld recently.
